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A B S T R A C T   

Decarbonising cement production is of profound importance for meeting global greenhouse gas emission 
reduction targets and mitigating the impact of climate change. This study evaluates various technical options for 
achieving deep decarbonisation in a clinker production facility by utilising hydrogen (H2) as an alternative fuel 
to replace fossil fuels and by integrating an oxy-combustion technique with carbon capture and storage (CCS). 
Using Aspen Plus process simulations, we examined the extent of decarbonisation and assessed the thermal and 
electrical energy demands. This was achieved by incorporating an amine-absorption-based CO2 capture to a 
conventional natural gas fuelled reference plant, implementing oxyfuel-combustion of natural gas, and exploring 
four different scenarios for replacing fossil fuel with H2. In these scenarios, H2 was assumed to be produced 
through on-site water electrolysis, which also supplied oxygen for oxyfuel combustion, potentially eliminating 
the need for an air separation unit (ASU). The processes utilizing H2, except for the case of indirectly heated pre- 
calcination, employed oxyfuel combustion. The results indicate that the natural gas-fuelled oxyfuel-combustion 
process had the lowest total energy input at 4.92 GJ/t clinker, approximately 35% lower than that of the 
reference plant. Processes using H2 reduced energy demand by 11% in the H2-d scenario and 33% in the H2-a 
scenario. However, the process with indirect calcination required 6.24 GJ/t clinker, about 8% more H2 fuel than 
direct calcination but helped eliminate the need for an ASU. The results also reveal that greater H2 substitutions 
led to higher total process energy requirements due to the inefficiencies of the electrolysis process. While the H2- 
using processes could reduce the CO2 generation by up to 559 kgCO2/t clinker, this represents only about 27.6% 
of the CO2 reductions relative to the reference plant. These findings underscore the limitation of fuel substitution 
alone in cement production and emphasize the need for innovations in raw materials and the adoption of CCS to 
achieve deeper decarbonisation in cement industries.   

1. Introduction 

Tackling climate change requires the rapid reduction of greenhouse 
gas (GHG) emissions from all sectors of the global economy. The con
struction sector faces significant challenges, as it is projected to consume 
35–60 % of the remaining carbon budgets for the 2 ◦C scenario over the 
decades leading to 2050. This projection is driven by anticipated pop
ulation growth and socioeconomic progress [1]. Cement production, 
responsible for about 8 % of global carbon dioxide (CO2) emissions [2], 
has widely been identified as a primary target for progressive decar
bonisation efforts. 

In the conventional cement production process, CO2 emissions 

primarily result from the production of clinker, the main component of 
Portland cement [3]. Specifically, two main sources of CO2 emissions 
exist: (1) process emissions from the calcination process, where lime
stone (CaCO3), a key component in the raw meal for clinker production, 
decomposes into lime (CaO) and CO2, and (2) energy emissions from the 
combustion of fossil fuels (mainly coal or natural gas) to provide the 
required thermal energy for both the calciner and the kiln, where 
calcining and sintering reactions occur. Extensive research has explored 
ways to reduce CO2 emissions from calcination by replacing clinker with 
supplementary cementitious materials [4], like fly ash [5], and ground 
granulated blast furnace slag (GGBS) [6], which do not involve lime
stone decomposition [7]. 
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Regarding energy consumption, the cement industry’s substantial 
demand, averaging approximately 4GJ per tonne of cement [8], con
tributes to 12–15 % of total global industrial energy consumption [9], 
primarily from fossil fuels. Various strategies have been proposed to 
reduce GHG emissions and energy consumption [10], including im
provements in fuel efficiency [11], such as heat recovery from flue gases 
using the Organic Rankine Cycle (ORC) [12], and the use of alternative 
fuels such as biomass [4], and hydrogen (H2) [13]. As alternative fuels 
have different physical and chemical properties, the selection of alter
native fuels that have minimal impacts on combustion phenomena and 
the overall cement production process is critical [14]. 

To address unavoidable emissions from calcination or fuel combus
tion, carbon capture and storage (CCS) becomes essential [15]. Oxyfuel 
combustion [16], where combustion is with pure oxygen instead of air 
[17], has been considered a favourable approach for CCS, preventing the 
mixing of nitrogen with CO2 from calcination or fuel combustion [18]. 

In line with other industrial sectors emphasizing the decarbonisation 
of thermal energy supply [2], the use of H2 as a zero-carbon fuel in 
cement production has gained significant interest from both academia 
[19], and industry [20]. A modelling study by the Mineral Products 
Association [19], evaluated the reduction in coal consumption in the 
kiln by replacing thermal energy demand with 20 % H2, 70 % biomass, 
and 10 % plasma energy, resulting in the elimination of 100 % fossil CO2 
emissions. Another study [13] achieved a 44 % reduction in CO2 emis
sions for the total system by entirely replacing coal-based fuel with H2 in 
the kiln. Furthermore, research conducted by [2] utilised H2 from 
alkaline electrolysis to obtain natural-gas-enriched hydrogen (10 % H2 
in volume) in the kiln, replacing 50 % of coal by weight and estimating a 
15 % to 20 % reduction in CO2 emissions compared to pure coal-based 
cement production. In industry, Hanson conducted trials at a cement 
plant using a mixture of 20 % H2 in volume mixed with biomass and 
plasma energy at Ribblesdale Cement Works, aiming to supply net zero 
carbon concrete by 2050. The results indicated that if this mixture were 
applied in the kiln, approximately 180,000 tonnes of CO2 could be saved 
annually [21]. 

Despite these emerging explorations, research on the use of H2 in 
cement production is currently limited, and there is a lack of systematic 
comparisons of possible H2-based technical schemes and other decar
bonisation options. In this work, we present technical modelling of six 
process options, distinguished by fuel, combustion oxygen supply, and 
CO2 capture arrangement, for clinker production. We assess and 
compare their energy consumption and CO2 production. To our 
knowledge, this is the first study to compare process options with 
different levels of H2 substitution for natural gas in oxyfuel combustion 
(which facilitates CO2 separation and capture) with the conventional 
process equipped with amine-based (post-combustion) carbon capture 
and oxyfuel combustion. Previous studies have considered the use of 
oxygen as a by-product of water electrolysis [17], as a potentially ad
vantageous alternative to an energy-intensive air separation unit (ASU) 
for supplying oxygen to cement production [15]. In our study, on-site 
water electrolysis was assumed to supply both H2 and O2 for feeding 
the oxyfuel combustors. To reduce the demand for oxygen, one of the 
novel process options includes indirect calcination, where combustion 
for heat supply occurs separately from the decomposition of limestone. 
This separation keeps combustion products separate from the CO2 pro
duced by calcination, ensuring high CO2 purity in the captured CO2 
stream. While previous research has explored indirect calcination in 
connection with fossil fuels [22], our study investigates its application 
with H2. Overall, the results of this work provide a consistent compar
ison of the energy consumption and CO2 production among the selected 
process options, serving as a foundation for future techno-economic 
assessments. 

2. Methods 

In this section, we first provide a brief overview of the technical 

options for clinker production assessed in this work (Section 2.1), fol
lowed by a detailed description of the modelling of these options as 
implemented in Aspen Plus (Section 2.2). Subsequently, the approach to 
modelling CO2 separation and compression associated with the clinker 
production processes (Section 2.3) and quantifying energy consumption 
(Section 2.4) are presented, along with the key assumptions adopted in 
modelling and analysis (Section 2.5). 

2.1. Overview of technical options 

This work involves the technical modelling of six process options for 
clinker production, which were differentiated based on fuel use, com
bustion oxygen (O2) supply, and CO2 capture arrangements. Table 1 
provides an overview of the characteristics of these compared processes. 
Concerning the extent of H2 substitution, it is worth noting that there are 
significant differences in combustion characteristics between H2 and 
conventional fuels, which has raised caution about extensive H2 usage in 
clinker production [13], particularly in the kiln [2]. However, there is 
limited experimental evidence available to determine the feasible range. 
Among the process options involving H2, three processes (H2-a, H2-b, 
and H2-c) reduced the natural gas usage in the kiln to a conservative 
80 % (by vol.) of the oxyfuel process, with the remaining thermal energy 
met by the supplementary H2. In contrast, H2-d represents a hypothet
ical scenario exploring the potential outcome of complete H2 substitu
tion. In terms of the calciner, the process H2-a did not incorporate H2 
substitution, while the other three H2 processes assumed the use of 100 
% H2, a configuration that had previously been examined through 
theoretical modelling of calcination as a standalone process (i.e., not as 
part of clinker production) [19]. 

2.2. Modelling of clinker production processes 

The mathematical modelling in this study was based on literature 
data, primarily sourced from a plant in Alberta, Canada, that produces 
4,200 tonnes of clinker in a day [17]. As shown in Fig. 1, the process 
involves preheating the raw meal to 800 ◦C (in the pre-heater) using the 
calciner exhaust gas before it enters the calciner, where limestone 
decomposition occurs at 900 ◦C, achieving 95 % calcination [23]. The 
solid output from the calciner then enters the kiln, where further 
decomposition, transition and sintering reactions take place [15], 
reaching a sintering temperature of 1500 ◦C [17]. While the resulting 
clinker from the kiln is cooled to approximately 100 ◦C by cooling air (in 
the cooler), the exhaust gas from the kiln is fed into the calciner. Both 
the cooling air and the preheater exhaust gas undergo heat recovery 
processes by the Organic Rankine Cycle (ORC). The specific configura
tion of this heat recovery system varies depending on the chosen process 
and must provide a hot gas flow of 1,762 kg/tonne clinker at 176.85 ◦C 
to operate the vertical roller mill (VRM) [34]. 

All six process options (Figs. 1-6) were simulated (refer to Supple
mentary Figs. S1–S6) for the detailed Aspen models) with an input of 1.6 
tonnes/hr of raw meal and a clinker output of 1 tonne/hr. It is important 
to note that all produced CO2 was captured in its pure form at 150 bar 
with 100 % capture efficiency, preparing it for subsequent transport and 
storage (not modelled in this study). 

For the Aspen simulation, the base physical property method 
“SOLIDS” was selected, and solid-containing streams were represented 
in the stream class “MIXCISLD”, which included two sub-streams of 
“MIXED” and “CISOLID”. 

2.2.1. Reference (NG) process for clinker production 
In the reference process (NG) depicted in Fig. 1, and with its Aspen 

flowsheet presented in Supplementary Fig. S1, natural gas combustion 
in the presence of air was used to supply thermal energy for clinker 
production (NG-C and NG-K in Supplementary Fig. S1). Both combus
tors, for the calciner and the kiln, were modelled as a stoichiometric 
reactor (RStoic), (CALCINER and COMB-K in Supplementary Fig. S1). 
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Series of solid reactions occurring in the kiln were simulated using three 
RStoic reactors, representing decomposition, transition (i.e., exothermic 
reaction zone), and sintering stages (DECOMP, TRANSI, and SINTER in 
Supplementary Fig. S1). Details of the modelled reactions at each stage 
are provided in Table 2, with conversion rates set to ensure that the 
resulting clinker maintains the expected chemical compositions, 
including tricalcium silicate (C3S), dicalcium silicate (C2S), tricalcium 
aluminate (C3A), and tetra-calcium aluminoferrite (C4AF), within the 
specified range [17]. That is, these conversions were calculated based on 
the assumed raw meal composition and the anticipated composition of 
the calcined meal and clinker. Specifically, the resulting mass fractions 
of these components in the clinker were 0.691, 0.111, 0.072, and 0.126, 
respectively. 

In the NG process as per Fig. 1, primary and secondary air were 
introduced into the combustor of the kiln (COMB-K), while tertiary air 
was supplied to the combustor of the calciner (COMB-C). Secondary and 
tertiary air were pre-heated to temperatures of 1050 ◦C and 900 ◦C, 
respectively [17], by recovering heat from the hot clinker. The exhaust 
vent air (output of the cooler in Fig. 1) was effectively utilised to recycle 
energy back into the system for operating the vertical raw mill (VRM). In 
the NG process with the CCS implementation, the exhaust vent air was 
initially used to provide heat to the CCS operation. Afterwards, the 
airflow was separated, with one portion dedicated to meeting the VRM 
requirements (VRM-IN) and the other excess flow was used to operate 
the organic Rankine cycle (ORC) (ORC-IN) for heat recovery. 

Additionally, the pre-heater flue gas was harnessed to operate the ORC 
for heat recovery. 

Heat losses were considered in the model, consistent with [15], for 
both the calciner and different stages of the kiln. The heat loss values are 
as follows; 42.99 MJ/t clinker for the calciner, 30.60 MJ/t clinker for the 
decomposition stage, 59.40 MJ/t clinker for the transition stage, and 90 
MJ/t clinker for the sintering stage, respectively. These same heat loss 
values were assumed for all subsequent process options. 

The reference model developed and simulated here in the Aspen Plus 
process simulation software was based on the Excel-based model pre
sented by Nhuchhen et al. [17], for a natural gas-fired cement plant. 
However, this study incorporated three key modifications: i) the kiln 
stage was modelled with three distinct stages (decomposition, transi
tion, and sintering), taking into account heat losses. In contrast, the 
previous model in [17], treated the kiln as a single stage; ii) the O2 
concentrations in the flue gases for the kiln and calciner exits were 
adjusted to 6.5 % and 1.0 % (molar basis), respectively, in the reference 
paper [17], whereas in this study, the supply of O2 was set to achieve 
more complete consumption, resulting in O2 concentrations at 3.7 % and 
0.3 % (molar basis) for these two streams, respectively; iii) this work did 
not consider the leakage air, a factor taken into account in [17]. 

2.2.2. Modified process for clinker production using oxy-combustion 
To model the process referred to as Oxy (as shown in Fig. 2; and 

detailed in Supplementary Fig S2. for the Aspen flowsheet), the Aspen 

Table 1 
Aspen processes parameters.  

Process Options Combustion Oxygen supply Calcination 
Mode 

CO2 capture 

Calciner Kiln 

NG (reference 
case) 

100 % Natural gas 100 % Natural gas N/A Direct Amine-based capture + compression 

Oxy O2 + 100 % Natural 
gas 

O2 + 100 % Natural gas +
0 % H2 

ASU Direct Compression, cooling, and separation (with refrigeration for 
water separation) 

H2-a O2 + 100 % Natural 
gas 

O2 + 80 % Natural gas +
20 % H2 

ASU +
electrolysis 

Direct 

H2-b Air + 100 % H2 O2 + 80 % Natural gas +
20 % H2 

Electrolysis Indirect 

H2-c O2 + 100 % H2 O2 + 80 % Natural gas +
20 % H2 

ASU +
electrolysis 

Direct 

H2-d O2 + 100 % H2 O2 + 100 % H2 Electrolysis Direct  

Fig. 1. NG cement production process flow diagram (natural-gas reference case), adopting amine-based carbon capture, (See Supplementary Fig. 1 for 
Aspen Flowsheet). 
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model used for the process NG was adapted. This adaptation involved 
replacing the air input to the kiln and calciner combustors with O2 at 
25 ◦C as per Fig. 2, for natural gas combustion (O2-IN-KILN and O2-IN- 
CALCINER in Supplementary Fig. S1). Flue gas recirculation (FGR) at 
136 ◦C was employed to maintain adequate gas flows throughout the 
system, following the approach outlined in [17]. More specifically, the 
flue gas exiting the preheater tower was divided into three separate 

streams. Two of these streams were designed to mimic the role of sec
ondary air and tertiary air in the process NG, maintaining the same 
molar flow rates and target temperatures as in that process. The third 
flow became an exhaust stream. 

All O2 required for this process was assumed to be provided by a 
cryogenic distillation-based air separation unit (ASU) at an electrical 
energy demand of 0.81 GJ/tonne O2 as indicated in [17] (though not 

Fig. 2. Oxy cement production processes flow diagram (oxyfuel-combustion based), with CO2 separation and compression, (See Supplementary Fig. 2 for 
Aspen Flowsheet). 

Fig. 3. H2-a cement production process flow diagram (20% hydrogen replacement of natural-gas in the kiln coupled with oxygen combustion), with CO2 separation 
and compression, (See Supplementary Fig. 3 for Aspen Flowsheet). 
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explicitly modelled in this study). The natural gas feeds to the calciner 
and the kiln, along with the corresponding O2 feeds, were adjusted to 
meet the temperature targets set for these units. The flow rates of 

exhaust vent air were more than sufficient to operate the VRM. Excess 
flows and the flows from the pre-heater flue gas were both incorporated 
into the system to operate the ORC for heat recovery. Pre-heating of the 

Fig. 4. H2-b cement production process flow diagram (indirect calcination using hydrogen for the calciner and direct combustion of hydrogen in the kiln), with CO2 
separation and compression, (See Supplementary Fig. 4 for Aspen Flowsheet). 

Fig. 5. H2-c cement production process flow diagram (20% natural-gas replaced with hydrogen in both the calciner and kiln), with CO2 separation and compression, 
(See Supplementary Fig. 5 for Aspen Flowsheet). 
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O2 input in both the calciner and kiln, achieved through heat recovery 
from the pre-heater flue gas, was set to 136 ◦C, in accordance with [17]. 

2.2.3. Modified processes for clinker production using hydrogen 
The four processes involving the use of H2 were modelled by 

adapting the model of Process Oxy (refer to Figs. 3 - 6, and Supple
mentary Figs S3 - S6). For processes H2-a, H2-c and H2-d, a direct 
replacement of natural gas by H2 was implemented according to the 
degrees of substitution described earlier (as detailed in Table 1), without 
altering the process design. For process H2-b, indirect calcination was 
modelled by (1) feeding the calciner’s combustor with air instead of O2; 
(2) assuming a heat flow to the calciner from its combustor to the effect 
of bringing the temperature of the combustor’s exhaust to 800 ◦C; and 
(3) injecting the tertiary air equivalent flow and the kiln exhaust into the 
calciner (as opposed to its combustor), to avoid the mixing of CO2 in 
these two flows with N2 brought in by the calciner’s combustion air. As 
such, there are two separate exhaust gas flows arising from the calci
nation subsystem, one from the combustor (containing no CO2) and 
another from the outlet of the calciner (as a mixture of CO2 and water 
steam), therefore a modified heat recovery arrangement was adopted for 
process H2-b, as described below:  

• The calciner’s combustor (COMB-C in Supplementary Fig. S3) was 
supplied with air instead of O2;  

• A heat flow was assumed to be provided by the calciner’s combustor 
to bring the temperature of the combustor’s exhaust to 800 ◦C; and  

• The tertiary air equivalent flow and the kiln exhaust were injected 
into the calciner (rather than its combustor) to prevent the mixing of 
CO2 in these two flows with N2 introduced by the calciner’s com
bustion air. Consequently, two separate exhaust gas flows originate 
from the calcination subsystem: one from the combustor (containing 
no CO2) and another from the outlet of the calciner (comprising a 
mixture of CO2 and water steam). Therefore, a modified heat re
covery arrangement was employed for process H2-b. 

In all four processes, the supply of H2 was assumed to be via on-site 
water electrolysis, which also produces O2 to meet the demand for 
oxyfuel combustion either partially (H2-a, H2-c) or fully (H2-b, H2-d). 
The remaining O2 demand in H2-a and H2-c was met by an ASU. The 
electricity consumption by electrolysis was considered at two efficiency 
levels based on the ratio of the lower heating value of produced H2 and 
the electricity input: 60 % (reflecting the efficiency of contemporary 
industrial alkaline electrolysers [24]) and 84 % (achievable with more 
efficient technologies such as solid-oxide electrolysers [25]), corre
sponding to 50 and 40 kWh/kg H2, respectively. 

2.3. CO2 separation and compression 

In process NG, a standard amine-based system for CO2 capture, 
which was not explicitly modelled, was assumed to have 100 % capture 
efficiency. This system was employed to produce a pure CO2 stream at 1 
bar, which was subsequently compressed to 150 bar as reported in [26], 
a pressure commonly chosen to facilitate the transportation of captured 
CO2. The energy demand for CCS in process NG was calculated, and the 
results can be found in Table 5. 

For all the other processes, the flue gas consisted of a mixture of CO2 
and water due to oxyfuel combustion. In these cases, CO2 separation was 
integrated with compression, as illustrated in Fig. 7. The flue gas exiting 

Fig. 6. H2-d cement production process flow diagram (100% hydrogen replacement of natural-gas and combustion with oxygen), with CO2 separation and 
compression, (See Supplementary Fig. 6 for Aspen Flowsheet). 

Table 2 
Major reactions considered in the production process and the fractional 
conversions.  

Reaction Fractional 
Conversion of 
Component 

Fractional 
Conversion 

2 CaO(CISOLID) + SiO2(CISOLID) –>
C2S(CISOLID) 

SiO2 1 

C2S(CISOLID) + CaO(CISOLID) –>
C3S(CISOLID) 

C2S 0.825 

3 CaO(CISOLID) + Al2O3(CISOLID) 
–> C3A(MIXED) 

Al2O3 0.507 

4 CaO(CISOLID) + Al2O3(CISOLID) +
Fe2O3(CISOLID) –> C4AF(CISOLID) 

Fe2O3 1  
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from each process underwent a cooling process, using cooling water as a 
refrigerant within the Aspen simulation. Liquid water resulting from the 
cooling process was removed in a liquid–vapor separator module. The 
flue gas then entered a four-stage compression process, with the same 
cooling and water separation steps repeated between stages while 
maintaining a temperature of 35 ◦C for the cooler output. 

An exception was introduced after the third stage of water cooling 
(REF-3), where an additional refrigeration step (REFRI) was included to 
further reduce the temperature to 6 ◦C. This extra cooling facilitated 
additional water removal, ensuring that the final CO2 product achieved 
a purity greater than 99.95 mol%. The output temperature leaving the 
final cooling stage (REF-4) was 35 ◦C. Following the fourth stage of 
water separation (SEP-4) and compression (COMP-4), the flow exited 
the process for transport and storage. 

The simulation employed a pressure ratio of 2.72 and assumed 
isentropic and mechanical efficiencies of 0.85 and 0.95 respectively 
[27]. The electricity consumption (W) for the refrigeration cycle was 
estimated from the heat removed (Q) using a coefficient of performance 
(COP) value of 3.7 [28]. 

2.4. Energy recovery and consumption 

The key components affecting the net energy consumption or pro
duction of the processes are summarized in Table 3. These components 
include natural gas fuel, fans, auxiliary equipment, CCS, and an ORC, 

which were present in all the process options. The energy consumption 
associated with the ASU and electrolysis was detailed in Section 2.2. 
Further explanations of the calculation of the other components are 
provided below. 

The natural gas fuel input for each process was obtained from the 
Aspen simulation, and the thermal energy content was calculated using 
the lower heating value of methane, 50 MJ/kg [29]. 

The power consumption for each fan (Wfan), as described as below, 
was estimated by scaling the reported reference fan power consumption 
in [17]. Here, qref and Wref represent the volumetric gas flow and the 
power consumption of a reference fan, while q is the volumetric gas flow 
of the fan. 

Wfan = Wref ×

(
q

qref

)3

(1) 

The auxiliary power consumption was assumed to remain constant 
across all processes as extracted from [17], at 245 MJ/t of clinker for 
auxiliary equipment. 

The thermal energy required to operate amine-based carbon capture 
at 1 bar in process NG was primarily for operating the reboiler of the 
regeneration column at a temperature of 128.4 ◦C, requiring a heat input 
of Qreb = 3.8 MJ/kg of CO2 [30]. In the Aspen Plus simulation of process 
NG, the maximum coverage of heat demand through waste heat was 
achieved via heat recovery (Qrec) from the flue gas and exhaust vent air 
by cooling the hot streams to 148.4 ◦C (allowing a 20 ◦C temperature 
difference for heat transfer with the reboiler). The net thermal energy 
demand (Qnet = Qreb − Qrec) for carbon capture was assumed to be sup
plied by natural gas combustion, and its CO2 generation were included 
in the total CO2 to be captured from the process NG (refer to Supple
mentary Fig. S1). Additional power consumption for carbon capture, 
(Padd) was assumed to be 0.55 MJ/kg of CO2 [30]. The electricity con
sumption by the subsequent CO2 compression in the process NG and that 
of CO2 separation and compression in other processes were calculated 
based on the modelling described in Section 2.2. 

An organic Rankine cycle (ORC) was integrated into the simulated 
processes for waste heat recovery to generate electricity in support of the 
processes. The ORC power (WORC = Qin × Qin) was calculated using the 
recovered waste heat from the hot gas stream (Qin). Qin was obtained 
from the results of the Aspen simulation of each cooler, mimicking the 
evaporator of the ORC, on the waste heat source streams cooled to 

Fig. 7. CO2 Separation and Compression model from Aspen simulations including four stages of separation, compression and cooling.  

Table 3 
Key energy users and providers.  

Energy users or 
providers 

Processes Energy Type Contribution 

Natural Gas Fuel All Thermal Consumption 
Fans All Electrical Consumption 
Auxiliary Equipment All Electrical Consumption 
Carbon Capture and 

Storage (CCS) 
All Electrical and 

Thermal 
Consumption 

Organic Rankine Cycle 
(ORC) 

All Electrical Production 

Air Separation Unit 
(ASU) 

Oxy, H2-a, H2-c Electrical Consumption 

Electrolysis H2-a, H2-b, H2-c, 
and H2-d 

Electrical Consumption  
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130 ◦C, which was 20 ◦C higher (to provide a heat transfer driving force) 
than the working fluid’s temperature within the ORC. It is typically 
around 110 ◦C, as presented in the ORC design from [31]. The efficiency 
(ηth) of the ORC was set to 0.225 according to the assumed organic 
working fluid [31]. 

2.5. Additional assumptions 

Different assumptions and inputs applied for conducting the tech
nical and energetic analysis are discussed below:  

• The natural-gas molar composition consists of 100 % methane, with 
a lower heating value (LHV) of 50 MJ/kg.  

• The molar composition of air was assumed to be 78.12 % N2; 20.95 % 
O2; and 0.93 % Ar.  

• The clinker composition by weight percentage (13 % C4AF, 11 % C2S, 
69 % C3S, and 7 % C3A) and raw meal input (refer to Supplementary 
Table S7) were kept constant across all processes. 

• The pressure was assumed to be 1 bar throughout the clinker pro
duction system.  

• Complete combustion was assumed for all combustors, with O2 
molar percentage less than 1 %. 

3. Results and discussion 

This section presents and discusses the modelling results in three 
interconnected parts. Firstly, we provide the key results of Aspen Plus 
simulation, focusing on materials flows and essential process parame
ters, particularly temperatures, in Section 3.1. Subsequently, we delve 
into an analysis of two critical aspects of process performance used for 
comparing the six technical options, namely energy consumption and 
CO2 production, in Sections 3.2 and 3.3, respectively. 

3.1. Simulated material flows and key process conditions 

The key temperatures for calcination and sintering play a vital role in 
ensuring the intended chemical conversions occur in various stages of 
the system. As presented in Table 4, the simulated results show that they 
were tightly controlled for all processes around the target values of 
900 ◦C and 1500 ◦C, respectively. These critical process temperatures 
were consequences of the fuel input in these processes. Furthermore, 
Table 4 indicates that the kiln exhaust temperatures, influenced by the 
control of the calcination and sintering temperatures, are slightly higher 
in the Oxy and H2 processes compared to the reference process (NG). 
This difference is not expected to pose any significant operational issues. 
Detailed material flows in the major streams of all six processes exam
ined here are provided in Supplementary Tables S1 - S6. 

As shown in Table 5, the reference case (NG) consumes 77.54 kg/t 
clinker of natural gas (equivalent to 3877 MJ in fuel LHV) per tonne 
clinker, which falls within the anticipated range of fuel consumption by 
conventional cement plants [4]. In comparison, there is a modest in
crease of 4.9 % GJ in the natural gas fuel consumption in process Oxy. 
This increase is primarily due to changes in the composition of the 

combustion products and the gaseous flows within the system [17]. 
The fuel mix varies in cases involving H2, as expected. Process H2-a 

exhibits modest H2 substitution for natural gas, while processes H2-b 
and H2-c demonstrate greater substitution. Finally, process H2- 
d achieves complete substitution of H2 for natural gas. Despite varia
tions in the fuel input composition, the total fuel LHV remains similar, 
approximately 4067 MJ/t clinker, for processes Oxy, H2-a, H2-c, and 
H2-d. This represents a 4.8 % increase compared to the process NG 
(reference case). However, H2-b requires considerably higher fuel input, 
approximately 4310 MJ/t clinker, which is roughly ~ 11 % more than 
the reference case. This increase is mainly attributed to the use of air 
(rather than O2) in the calciner combustor as part of the indirect calci
nation process. This results in a greater amount of flue gas, about 1471 
kg/tonne clinker (~35 % more) compared to the process Oxy, leading to 
greater heat loss. 

As expected, H2-b requires the least O2 supply due to indirect 
calcination; eliminating the need for an ASU as electrolytic O2 exceeds 
the demand. In the other processes, increased H2 usage generally 
translates to reduced demand for O2, determined by the combustion 
requirement. Process Oxy relies entirely on the ASU for O2 supply. 
Conversely, process H2-d achieves an O2 balance between the electrol
ysis energy generation and the consumption by 100 % H2-based fuel 
combustion. Processes H2-a and H2-c fall between these extremes, 
relying on the ASU to varying degrees. 

3.2. Energy consumption 

As indicated in Table 5, the overall energy consumption encompasses 
both thermal energy input from fuels (natural gas and hydrogen) and 
electrical energy input for operating fans, auxiliary components of the 
cement plant, electrolysers, ASU, and CO2 capture and separator units. 
This summary provides a comparative analysis of the energetic perfor
mance across different processes, considering both thermal and elec
trical energy demands, which are influenced by the energy efficiency of 
water electrolysis (ηely). First, we analyse the results assuming ηely = 60 
%, and we present an energy flow diagram in Fig. 8 to illustrate the 
distribution of electrical (el) and thermal (th) energy across all the 
processes. It is worth noting that approximately 10 % to 13 % of the 
energy consumption is attributed to fans while 3 % to 6 % is attributed to 
CO2 separation and compression, consistently across all processes. In the 
first three processes (NG, Oxy, and H2-a), the majority of the energy 
demand (>50 %) comes from natural gas in the form of thermal energy. 
In contrast, in processes H2-b, H2-c, and H2-d, electrolysis dominates 
the energy demand, primarily in the form of electrical energy. 

In a previous study [2], it was found that half of the thermal energy 
demand was from natural-gas-infused H2. In the H2 processes (H2-a – 
H2-d), all the thermal energy demand is supplied by natural gas, as H2 is 
sourced from electrolysis. Moreover, the thermal energy consumption in 
an oxy-combustion-based production process from the literature 
consumed around 560 MJ/tonne of clinker [15]; the thermal energy 
consumption in the simulated Oxy process was higher, at 4052 MJ/ 
tonne of clinker; the difference could be attributed to result from the 
variation in adopted fuel type and modelling assumptions. More 

Table 4 
Key temperatures, flowrates, and thermal energy input from Aspen Plus modelling.  

System Input Key Temperatures (◦C) Natural Gas-In (kg/t 
clinker) 

Oxygen-In (kg/t 
clinker) 

Oxygen from ASU (kg/t clinker) Hydrogen-In (kg/t 
clinker) 

LHV of fuel input 

Calcination Sintering Calciner Kiln Calciner Kiln Calciner Kiln MJ/t clinker 

NG  898.55  1500.03 47.00  30.54 N/A N/A  0.00 N/A N/A  3877.05 
Oxy  899.24  1501.61 45.47  35.52 181.37 141.68  323.05 N/A N/A  4049.08 
H2-a  899.76  1498.75 45.60  28.41 181.91 136.69  295.34 N/A 2.91  4049.32 
H2-b  899.68  1499.23 N/A  28.41 0.00 140.00  0.00 21.04 3.04  4310.34 
H2-c  903.14  1498.24 N/A  28.41 165.00 132.00  119.35 19.47 2.736  4085.19 
H2-d  899.01  1502.61 0.00  0.00 144.00 132.00  0.00 19.08 14.94  4082.40  

F. Williams et al.                                                                                                                                                                                                                                



Energy Conversion and Management 300 (2024) 117931

9

Table 5 
Component of thermal and electrical energy consumptions/production of all six process options for cement production decarbonisation.  

Processes NG Oxy H2-a H2-b H2-c H2-d 

Electrical Energy for production (MJ/t) Fans 540.99 432.32 424.75 401.97 439.99 509.44 
Auxiliary 244.80 244.80 244.80 244.80 244.80 244.80 
Electrolysis (60 % Efficiency) 0.00 0.00 523.26 4334.76 3997.03 6123.60 
Electrolysis (84 % Efficiency) 0.00 0.00 418.61 3467.81 3197.63 4898.88 
ASU 0.00 261.67 239.23 0.00 96.68 0.00 
ORC − 105.02 − 349.76 − 349.71 − 403.00 − 360.68 − 359.09 
Subtotal (60 % Electrolysis Efficiency) 680.77 580.03 1082.32 4578.53 4417.83 6318.75 
Subtotal (84 % Electrolysis Efficiency) 680.77 580.03 977.67 3711.58 3618.42 5294.03 

Thermal Energy for production (MJ/t) Natural Gas  3880.15 4052.32 3703.44 1421.64 1421.64 0.00 

Energy for CO2 capture (MJ/t) Amine-based capture: Electrical Energy 492.08 0.00 0.00 0.00 0.00 0.00 
Amine-based capture: CCS Thermal Energy 2233.93 0.00 0.00 0.00 0.00 0.00 
CO2 Separation and Compression: Electrical energy 282.55 289.75 282.73 237.08 237.13 208.79 
Sub Total (MJ/t) 3008.56 289.75 282.73 237.08 237.13 208.79 

Net Total Energy (MJ/t) with 60 % electrolysis efficiency 7569.48 4922.09 5068.50 6237.25  6076.59 6727.54 

Net Total Energy (MJ/t) with 84 % electrolysis efficiency 7569.48 4922.09 4963.84 5370.29 5277.19 5502.82  

Fig. 8. Total and net energy flows in simulated processes (electrolysis efficiency = 60 %) [Note:Electricity sources were assumed to be 100% renewable (GJel=GJth)].  
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importantly, according to [17], the thermal energy demand was 7 % 
higher compared to the NG-based process in the literature. This work 
confirmed the comparative trend between the two process options, 
although the difference is slightly lower, at 4.3 %. 

The most energy-intensive is process NG, where CO2 capture 
(including purification and compression) imposes a significant energy 
burden, accounting for approximately 40 % (3008.56 MJ/t clinker) of 
the total energy input. This is despite partial coverage of the thermal 
energy requirement for solvent regeneration by heat recovery from the 
clinker production process. 

In contrast, process Oxy stands out as the most energy-efficient op
tion. Although operating the ASU requires additional electrical energy, 
it constitutes only a small portion (~5% or 261.67 MJ/t clinker) of the 
total energy demand of the process Oxy. The use of oxyfuel combustion 
significantly simplifies CO2 separation. Even with the ASU’s energy 
requirement (261.67 MJ/t clinker) added to the energy consumption by 
CO2 separation and compression (289.75 MJ/t clinker), the sum of the 
two energy demands is still much lower than the energy demand for the 
CO2 capture of the process NG (3008.56 MJ/t clinker), resulting in 
substantial energy savings that offset the slight increase in its natural gas 
or thermal energy consumption during clinker production. 

Across the hydrogen-involving processes (H2-a, H2-c, and H2-d), 
clear trends for electricity and natural gas demand emerge. As the 
level of H2 substitution increases, electricity demand becomes signifi
cantly higher, driven by the requirement of electrolysis. Although nat
ural gas demand decreases, the total fuel energy input in process H2-a is 
similar to that of the process Oxy (as shown in Table 5). The energy loss 
in electrolysis during the conversion from electricity to H2 means that 
the greater the H2 substitution, the greater the electrolytic energy de
mand for producing 1 tonne of clinker. Increased use of electrolytic H2 
results in i) more electrolytic O2, reducing ASU operation and its energy 
demand, and ii) lower CO2 production, reducing the energy demand for 
CO2 separation and compression (also discussed in Section 3.3). How
ever, these savings are not significant enough to offset the energy de
mand of electrolysis. As shown in Table 5, if ηely = 60 %, the energy 
demand for the entire system in the H2-using processes ranges from 
5068.60 to 6727.54 MJ/t clinker, with electrolysis accounting for 10 % 
to 91 % of the net total energy consumption. On the other hand, these 
H2-using processes reduce the energy demand by 11 % to 33 % 
compared to the reference process NG. 

However, achieving a significantly higher electrolysis efficiency 
would be required for a process with significant H2 substitution to 
energetically outperform process Oxy. The energetic performance of 
process H2-b is about 6 % less than H2-c (despite having the same level 
of H2 substitution as H2-b). This difference is primarily due to the higher 
fuel input requirement caused by the use of air in the calciner combustor 
as part of indirect calcination. It managed to eliminate the need for an 
ASU while allowing the clinker to operate with 80 % of natural gas and 
oxyfuel combustion. However, the relative insignificance of the ASU in 
total energy consumption means that the increase in the higher fuel 
input requirement leads to an overall energy penalty. It is important to 
note that this process recovers approximately 15 % more electricity 
compared to the other oxyfuel processes, thanks to the higher waste heat 

content in the flue gas from the calciner combustor. However, the low 
efficiency of ORC (20 %) results in a considerable energy loss, high
lighting the need for more energy-efficient energy recovery to improve 
the overall energetics of process H2-b. 

3.3. CO2 production and capture 

The CO2 produced for all the processes were calculated using the 
Aspen Plus simulations and are listed in Table 6. It is evident that the 
introduction of oxyfuel-combustion in the processes effectively elimi
nates nitrogen from the flue gases, with the exception of the calciner 
combustor exhaust from process H2-b. This exception occurred because 
air was introduced to burn H2 in the indirect calcination combustor, as 
described earlier, resulting in only water vapour and nitrogen. The 
highest CO2 molar fraction was 74 % in the flue gas from the H2-b 
process. Furthermore, increasing the replacement of natural gas with 
H2 led to a reduction in the flue gas flow in processes H2-a, H2-c, and 
H2-d. This reduction in the flue gas flow subsequently reduces the need 
for CO2 capture and separation, along with its associated electrical en
ergy demand, from 283 MJ/t clinker in process H2-a to 209 MJ/t clinker 
in process H2-d (as indicated in Table 5). 

As indicated in Table 6, even in the process H2-d where the fuel- 
related emissions were entirely eliminated by replacing natural gas 
with H2, limestone calcination still contributed to about 559 kgCO2/t 
clinker. It accounted for 72.4 % of the total CO2 production, in the 
reference case (process NG). This highlights a limitation of fuel substi
tution as a decarbonisation strategy for the cement industry, particularly 
if the goal is to achieve deep decarbonisation in alignment with the Paris 
Agreement. 

4. Conclusions 

Energy consumption and CO2 production modelling using Aspen Plus 
was carried out for six technological options aimed at decarbonising the 
cement production process. Concerning total energy consumption, the 
oxyfuel combustion process (Oxy) fuelled by natural gas was found to be 
the most efficient, requiring approximately 35 % less energy input 
compared to the reference process, which assumed the use of amine- 
based post-combustion CO2 capture in a conventional cement plant 
powered by natural gas. This highlights the significant potential benefit 
of oxyfuel combustion, which outweighs the energy requirements of the 
ASU necessary for the process Oxy. 

In the processes using H2 (i.e., H2-a, H2-b, and H2-c), the total en
ergy reduction compared to the reference process was between 11 % and 
33 %. This lower achievement can be attributed to the energy losses in 
water electrolysis, which became more significant on a per-tonne clinker 
basis as the level of H2 substitution increased. Improved electrolysis 
efficiencies were shown to lead to a significant reduction in total energy 
in these processes. The process with indirect calcination (in H2-b) 
required higher H2 fuel input and eventually consumed more total en
ergy than its counterpart, despite eliminating the need for ASU for O2 
supply. 

In terms of CO2 production, the natural gas-powered oxyfuel- 

Table 6 
Flue gas composition and CO2 produced.  

Processes Location Flue gas (kmol/ 
h) 

Flue Gas (kg/ 
h) 

Flue Gas 
(◦C) 

CO2 mol 
fraction 

H2O mol 
fraction 

N2 mol 
fraction 

CO2 (kg/t 
clinker) 

NG Preheater exhaust  64.67  2001.46 130  0.27  0.15  0.57  771.82 
Oxy Preheater exhaust  27.85  963.14 130  0.64  0.36  0.00  781.26 
H2-a Preheater exhaust  28.00  954.61 130  0.62  0.38  0.00  762.13 
H2-b Preheater exhaust  19.60  730.56 130  0.74  0.26  0.00  637.04 
H2-b Calciner combustor 

exhaust  
30.07  741.04 130  0.00  0.35  0.65  0.00 

H2-c Preheater exhaust  29.26  906.73 130  0.49  0.50  0.00  637.04 
H2-d Preheater exhaust  29.59  863.49 130  0.43  0.57  0.00  559.11  
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combustion (Oxy) process resulted in slightly higher CO2 generation 
than the reference plant due to the minor increase in natural gas re
quirements. The processes utilising H2 achieved a 17.5 % to 27.6 % 
reduction in CO2 generation compared to the reference plant, depending 
on the level of H2 substitution, with the highest reduction corresponding 
to 100 % replacement of natural gas with H2 in process H2-d. This un
derscores the potential of H2, or other low-carbon, in reducing CO2 
generation and emphasizes the importance of integrating energy- 
focused solutions with efforts targeting raw materials to achieve more 
comprehensive decarbonisation of cement production. In particular, 
future research should explore new forms of raw meal for clinker pro
duction that reduce the fraction of limestone, a major source of CO2 
generation due to calcination and investigate alternative cementitious 
materials to reduce the use of conventional clinkers. 
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