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Abstract

Conventional zero-liquid discharge (ZLD) processes al-
leviate environmental concerns associated with brine
discharge, but are not widely applied, due to their
high cost and significant energy consumption. How-5

ever, new and promising ZLD technologies, such as
those integrated with osmotically assisted reverse os-
mosis (OARO), may be technically and economically
more favourable than existing technologies.

In this study, a numerical comparison between an FO10

and an OARO integrated ZLD process is performed, in
which a thermo-responsive draw solution is utilised for
both. The findings from the parametric and techno-
economic analysis indicate that OARO mitigates sev-
eral shortcomings of FO, making it more energy effi-15

cient (energy savings of « 10.8 %), less susceptible to
internal concentration polarisation and more economi-
cal (cost savings of « 15.5 %). Furthermore, a key ad-
vantage of OARO is that it operates with lower draw
solute concentrations allowing for the draw solute to20

be regenerated at temperatures 12˝ C lower than with
FO operation. This means that low-grade waste heat
(LGWH), which is essentially ’free energy’, is more eas-
ily utilised as an energy source.

In comparison to other hydraulic pressure-driven25

ZLD technologies, such as low-salt-rejection RO
(LSRRO), the electrical energy consumption of OARO
can be significantly offset when powered by LGWH
and using a thermo-responsive draw solute. The spe-
cific electrical energy consumption can be as low as30

3.47 kWh{m3 when concentrating a saline stream from
0.6M to 4M using 4 membrane stages. At the same
time, a 4-stage LSRRO system would consume approx-
imately 48% more electricity to achieve the same con-
centration factor. Furthermore, OARO processes oper-35

ating with a thermo-responsive draw solution can out-
perform those using non-responsive draw solutes (i.e.
NaCl). Brine concentrations of up to 245 g{kg can be
achieved using technically feasible operating pressures
and draw solute concentrations, while the number of40

required membrane stages is almost halved from 6 to
4.

1 Introduction

On a worldwide level, desalination technologies pro-
duce more than 140 million m3{day of brine. This is 45

almost 50 % greater than the amount of freshwater they
produce (95 million m3{day) (Jones et al. 2019). Brine
is an unwanted desalination by-product that is most
economically disposed of by discharging it back into the
environment in its untreated state (Arnal et al. 2005). 50

However, untreated brine is often severely polluted and
can contain contaminants, such as anti-fouling and
anti-scaling additives, anti-foaming additives, oxygen
scavengers and corrosion products (Alameddine & El-
Fadel 2007). Furthermore, brine is also highly saline 55

and can be discharged at elevated temperatures from
thermal desalination processes. Thus, brine in its un-
treated state can cause severe damage to ocean life and
marine ecosystems (Missimer & Maliva 2018, Miller
et al. 2015, Roberts et al. 2010). 60

These negative ecological effects can be circumvented
by developing more economically viable and environ-
mentally sound brine management solutions. Accord-
ing to Morillo et al. (2014), brine management so-
lutions can be utilised for (1) brine volume minimi- 65

sation (BVM), (2) salt and metal recovery, and (3)
brine adaption for industry. Salt and metal recov-
ery processes utilise the brine to produce valuable by-
products. As stated by Loganathan et al. (2017), the
potential exists to extract minerals, such as sodium, 70

magnesium, calcium and bromide, from seawater in
an economically favourable manner. Another possi-
bility is to valorise the brine stream by concentrat-
ing and adapting it for the chlor-alkali industry and
acid-base production (Reig et al. 2014, Casas et al. 75

2012). Although BVM may not appear to offer any di-
rect economic value, as no additional by-products are
produced, higher process recoveries do lead to an ex-
ponential decrease in the final brine volume and the
required seawater extraction rate (feed) for a constant 80

freshwater production rate. This trend is depicted in
figure 1. Lower brine volumes simplify brine disposal
and minimise the associated costs; lower feed volumes
can reduce pre-treatment costs (Jones et al. 2019).

However, BVM and ultimately zero-liquid discharge 85

(ZLD) processes are not widespread, due to the avail-
ability of other more economically viable brine dis-
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Figure 1: Brine and feed volume with respect to the
freshwater recovery of the desalination plant with a
constant permeate production rate of 1.

posal options (Tong & Elimelech 2016). Currently,
thermal processes, such as mechanical vapor compres-
sion (MVC), are the prevailing techniques to dewater90

brines with a TDS content exceeding 70 g{L to final
brine salinities of approximately 250 g{L (Davenport
et al. 2018). High capital costs and energy consump-
tion are associated with these thermal processes (e.g.
MVC: 7 kWh{m3 to 25 kWh{m3; brine concentrator:95

18 kWh{m3 to 26 kWh{m3 (Tong & Elimelech 2016)),
which limits their widespread application. Further-
more, concentrating the brine stream above its sol-
ubility limit and crystallising it using thermal-based
technologies (if not performed using solar evaporation),100

proves to be even more capital and energy intensive
(e.g. brine crystalliser: 52 kWh{m3 to 66 kWh{m3).
Solar evaporation has its own deficiencies, such as be-
ing limited to dry and warm regions and requiring large
amounts of land (Subramani & Jacangelo 2014).105

For lower feed salinities (TDS ă 75 g{L), membrane-
based technologies hold the highest market share in
desalination. RO, the most well-known of these tech-
nologies, revolutionised the desalination market and is
now widely commercialised as the chosen low-energy110

method. Yet, RO is limited by its maximum operating
pressure (Bartholomew et al. 2017). Other membrane-
based processes, such as membrane distillation (MD)
and crystallisation (MCr) (Sanmartino et al. 2017,
Mericq et al. 2010, Ruiz Salmón & Luis 2018), multi-115

stage reverse osmosis (MSRO), high pressure reverse
osmosis (HPRO) (Davenport et al. 2018), low-salt-re-
jection RO (LSRRO) (Wang et al. 2020), osmotically
assisted reverse osmosis (OARO) (Peters & Hankins
2019, Bouma & Lienhard 2018) and forward osmosis120

(FO) (Shaffer et al. 2015) can be utilised to further de-
water the RO concentrate and are thus promising BVM
technologies. Electrodialysis and capacitive deioniza-
tion can also be utilised in BVM processes (Tsai et al.
2017), although they are mainly applied for low salin-125

ity feeds. This is due to their relatively high capital
and operational expenses and their lower selectivity in
comparison to RO (Qin et al. 2019, Campione et al.
2018).

The focus of this article is on osmotically driven130

membrane processes, as these are promising alterna-
tives to be incorporated into BVM/ZLD processes. For
example, FO is hailed by several researchers as hav-
ing a low fouling propensity or having a high fouling
reversibility (Wang 2016, Lotfi et al. 2017, Lee et al. 135

2017, Cai & Hu 2016). It offers multi-barrier protec-
tion against feedwater contaminants for in-series mem-
brane processes (Nguyen et al. 2019), and allows the
possibility of regenerating responsive DS using forms
of low-grade energy which are cheaper and more re- 140

newable than grid-sourced electricity (Johnson et al.
2018, Cai & Hu 2016, Cai et al. 2015).

In spite of these advantages, recent studies (such
as that by Wang et al. (2020)) have highlighted the
disadvantages of osmotically driven membrane pro- 145

cesses, especially those of OARO. One such disadvan-
tage of OARO (and also FO) is that the design of
the membrane module and its operation is more com-
plex in comparison to that of purely pressure-driven
processes. In addition, internal concentration polarisa- 150

tion (ICP) can have deleterious effects on the perfor-
mance of all osmotically driven processes and hence
membranes with a porous, non-tortuous and thin sup-
port layer (small S-value) are required to minimise this
phenomenon. Membranes with such substrate specifi- 155

cations suffer from a lower mechanical strength; thus
high pressure operation, as required in OARO, may
inevitably lead to their failure. While these technical
issues remain to be solved, FO and specifically OARO
have the potential to significantly reduce the overall 160

energy consumption of BVM and ZLD processes. For
example, Bouma & Lienhard (2018) could concentrate
a feed stream from 0.6M to 4M using only 3.9 kWh{m3

whereas a 3-stage and 4-stage LSRRO system with sim-
ilar operating conditions consumed 9.11 kWh{m3 and 165

5.14 kWh{m3, respectively (Wang et al. 2020).

1.1 Research objectives

In this study, the standard OARO process, which
utilises a non-responsive draw solute (i.e. NaCl), is ex-
panded to incorporate thermo-responsive draw solutes 170

to investigate whether this novel combination can out-
perform 1) a forward osmosis process utilising the same
draw solution, 2) the standard OARO process with
non-responsive draw solutes, and 3) the LSRRO pro-
cess. 175

Although both FO and OARO are promising BVM
technologies, there is currently no literature available
on a direct comparison (experimental or numerical) of
these two technologies. Thus, the first research objec-
tive addressed in this article is to investigate whether 180

OARO or FO is the preferable BVM technology. To
address this question, a direct parametric and techno-
economic comparison is performed. A single test case is
chosen here that is based on the membrane brine con-
centrator (MBC), which forms part of the world’s first- 185

ever commercial FO ZLD process (Pendergast et al.
2016). This test scenario is chosen, due to its indus-
trial applicability and due to the possibility of directly
comparing the FO and OARO process while using the
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same feed conditions, the same draw solution (to ex-190

clude any variability caused by the choice of the draw
solution (DS) on the results), the same process lay-
out and the same target brine concentration. There-
fore, the feed hydraulic pressure is the only variable for
which its inclusion can alleviate several of the FO short-195

comings. Following this detailed comparison, both the
FO and OARO MBC are compared with the LSRRO
and the standard OARO process to draw attention to
the advantages and possibilities arising when combin-
ing OARO with responsive draw solutions.200

2 Methodology

2.1 ZLD process layout

Figure 2 depicts the entire ZLD system including the
membrane brine concentrator. The FO and OARO
MBC and the two-pass RO unit are numerically mod-205

elled to determine which technology is the supe-
rior brine volume minimisation solution. The pre-
treatment and brine crystalliser steps are excluded
from the comparison. The entire ZLD process com-
prises of (Pendergast et al. 2016):210

Pre-treatment processes: The waste stream is ex-
pected to have a total dissolved solid (TDS) con-
tent ranging between 25 g{L and 45 g{L. Due to
this variability of the wastewater quality and the
high concentration factor of the ZLD system, sev-215

eral pre-treatment processes are required to ensure
an uninterrupted operation of the ZLD system.
Scaling in the ZLD system is prevented by firstly
softening the wastewater stream using chemical
precipitation. This treatment step is followed by a220

multimedia filtration step and a weak acid cation
exchange softening process.

Two-pass RO unit: The two-pass RO unit has two
purposes, namely to pre-concentrate the softened
feed stream for the MBC system and to polish the225

permeate to the product water (i.e. boiler make-
up water) specification of TDS ă 100mg{L.
Concentrating the MBC feed stream reduces its
size and takes advantage of the low energy demand
of RO in the lower TDS range.230

Membrane brine concentrator: The concentrate
from the first RO pass is directed to the counter-
flow FO (or OARO) membrane module. The
high-pressure pumps and energy recovery de-
vices (ERD) that are indicated in figure 2 are235

only utilised when the MBC is operated in the
OARO configuration. However, both the FO and
OARO MBC achieve the desired brine concentra-
tion using three stages and employing a thermo-
responsive DS comprising of an ammonia and car-240

bon dioxide mixture. The diluted draw solution
(DDS) exiting the first stage S1 of the membrane
module is sent to the draw recovery distillation col-
umn (DC2) where the draw solutes are volatilised

as NH3 and CO2 gas. The gases are condensed 245

and mixed with a fraction of the DDS stream to
give the CDS to be reused in the membrane pro-
cess. The intermediate product water from DC2 is
mixed with the softened feed stream and the con-
centrate from the secondary RO pass, This mixed 250

stream is then directed to the RO system for pol-
ishing.

Reverse diffusion of the draw solutes into the
FO/OARO feed stream will result in the loss of
the draw solute if it is not recaptured. This is pre- 255

vented by recovering the draw solutes in the con-
centrated brine stream using another distillation
column, termed the brine stripper (DC1). The
vapor stream from DC1 is sent to DC2 to be fur-
ther concentrated while the heated brine stream 260

exiting DC1 is pumped to the brine crystalliser
at a TDS of 220 g{L. By utilising two distillation
columns, the energy consumption of the MBC sys-
tem increases, Although more than 99.75 % of the
DS is retained in the system, which minimises its 265

replenishment costs (Coday et al. 2014)).

In the FO MBC process, the concentrated draw so-
lution (CDS) has a composition ranging between
4.0 M to 6.0 M on a carbon basis. The DS is ther-
mally regenerated using plant steam (5 bar, satu- 270

rated) as the energy source.

Brine crystalliser: The brine crystalliser is the most
energy intensive process and removes the remain-
ing liquid to crystallise the slurry. The distillate
is recovered and mixed with the RO permeate and 275

used as boiler make-up water.

2.2 Simulation set-up

As stated in the previous section, only the FO/OARO
MBC and the two-pass RO system are numerically
modelled. The design specifications and modelling as- 280

sumptions are summarised in this section.
Firstly, it is assumed that the only solutes present in

the system are NaCl and the thermo-responsive draw
solute due to the extensive pre-treatment. Thus, the
fouling effect on the membrane and thermal process ef- 285

ficiency is not modelled. Additionally, the maximum
draw solute concentration in the MBC system is limited
to below its saturation point to prevent issues associ-
ated with precipitation.

Secondly, an iterative approach is chosen to deter- 290

mine the steady state operation of the modelled pro-
cess. The membrane-based processes are simulated
in Matlab using the same model that was previously
developed and validated in Peters & Hankins (2019).
Meanwhile, the DSR process with the two distillation 295

columns is simulated with the help of ASPEN Plus.
The function ’actxserver’ is utilised in Matlab to com-
municate back and forth with ASPEN Plus. This di-
rect link between Matlab and ASPEN Plus is original,
as previously Excel had to be incorporated as an inter- 300

mediate communicator, which significantly increased
the simulation time (Claumann et al. 2015, Fontalvo
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Figure 2: The FO zero-liquid discharge process installed at the Changxing coal-fired power plant, China.
Adapted from Pendergast et al. (2016).

Alzate 2014). The algorithm is depicted in figure 3
and works as follows:

Step 0: Due to the intertwined process layout, the305

FO/OARO feed and draw stream, as well as the
RO2 concentrate stream must be assumed in the
first iteration, as they are unknown and are re-
quired to solve the steady state simulation.

Step 1: As starting point of each iteration, the 3-stage310

counter-current FO/OARO membrane model is
solved. Each stage contains several pressure ves-
sels in parallel so that the feed flowrate per vessel is
given by QMBC . The numerical findings presented
by Xiao et al. (2012) show that a counter-current315

flow arrangement has several advantages over a
cocurrent flow arrangement, such as a more uni-
formly distributed water flux along the FO/OARO
module. Therefore, in this work, all FO/OARO
membrane modules are operated in a counter-320

current flow arrangement. The water flux and
solute flux governing equations are solved explic-
itly on a finite set of iteration segments along
the membrane module. The concentration of the
draw solution and the mass flowrate at the mod-325

ule outlet are obtained with the shooting method
(Xiao et al. 2012). More information regarding
the FO/OARO membrane system is given in sec-
tion 2.4.

Step 2: The newly determined DDS, CDS and330

FO/OARO brine stream information are commu-
nicated from Matlab to ASPEN Plus to solve the
DSR system. The DSR set-up remains unchanged
for all simulations and is described in more detail
in section 2.5.335

Step 3: With the MBC modelled using steps 1 and 2,
the next step is to model the two-pass RO unit.
The softened feed is firstly mixed with the RO2
concentrate and the intermediate product water
from the MBC system. The two-pass RO unit is 340

solved using the same solution procedure and gov-
erning equations as stated in Step 1. More infor-
mation regarding the RO system is given in sec-
tion 2.4.

Step 4: In each iteration, the only variable adjusted 345

to achieve the desired brine concentration of
220 g{L (3.76 M) NaCl is the CDS concentration.
Thus, a new estimate of the required CDS con-
centration is interpolated using the concentration
of the brine stream exiting DC1 and the current 350

estimate of the CDS concentration. The new es-
timate of the required CDS concentration is then
achieved by adjusting the recirculation rate of the
DDS stream based on the concentration and vol-
ume of the condensed vapour stream from DC2. 355

Step 5: Steady state operation is reached once all flow
streams converge and the overall mass conserva-
tion error is below 0.1 % of the inlet salt and wa-
ter flowrate. Additionally, it is tested whether the
desired brine concentration is reached using the 360

given input parameters and the new interpolated
CDS concentration. The iterative process is re-
peated at Step 1 until convergence is achieved.

2.3 The draw solution

While theoretically any draw solution can be employed 365

in FO and OARO operation, the NH3 ´CO2 thermo-
responsive DS is chosen and evaluated here according
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Figure 3: The simulation algorithm of the FO/OARO
MBC and the two-pass RO system. The orange box in-
dicates the commands run in Matlab whereas the gray
box indicates the command run in ASPEN Plus. Com-
munication and sharing of stream data between the two
programs is initiated using the ’actxserver’ function in
Matlab.

to the following characteristics of an ideal draw solution
(Luo et al. 2014):

High solubility and low molecular weight:370

These properties allow the draw solute to produce
a high osmotic pressure. As shown in figure 4, the
achievable osmotic pressure π of the NH3 ´ CO2

thermo-responsive draw solution mainly depends
on the ammonia to carbon dioxide ratio (N/C)375

and the draw solute concentration (displayed
on a carbon basis). As indicated in the figure,
higher N/C ratios result in a stronger draw
solution. A highly concentrated DS with a high
N/C ratio is required to overcome the osmotic380

pressure of the final brine stream (indicated by
the horizontal red line). It is important to note
that the figure indicates the osmotic pressure of
the bulk streams. Actually a significantly higher
concentrated DS is required due to internal and385

external concentration polarisation (explained in
section 2.4). Therefore, a high N/C ratio of 2.4 is
chosen for the numerical simulations. This N/C
ratio was also chosen by Zeng et al. (2017).
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Figure 4: The osmotic pressure of the NH3 ´ CO2

thermo-responsive DS for various ammonia and carbon
dioxide ratios (N/C) and draw solute concentrations on
a carbon basis. The horizontal red line indicates the
osmotic pressure of the final NaCl brine stream with
a concentration of 220 g{L. The osmotic pressures are
determined using ASPEN Plus with the DSR set-up
given in section 2.5.

Low viscosity: A lower viscosity of the DS reduces 390

the internal concentration polarisation, which se-
riously hinders the water flux, and its pumping
costs. ICP occurs in the porous support layer of
the asymmetric TFC membrane and is more severe
for viscous substances. ICP cannot be eliminated 395

by enhancing turbulence or increasing the cross-
flow velocity (Wang et al. 2010). In terms of the
NH3´CO2 draw solution, no issues regarding its
viscosity have been mentioned in pilot and indus-
trial scale testing (Pendergast et al. 2016, McGin- 400

nis et al. 2013). Furthermore, the NH3 ´ CO2

draw solutes are fast diffusing, which is further
ideal to minimise ICP (McGinnis et al. 2013).

Low reverse solute flux: Due to the composition of
the draw solution, ammonia and carbon dioxide 405

do not fully disassociate and thus their uncharged
species are not effectively rejected by the mem-
brane causing a high reverse solute flux. As stated
in McGinnis et al. (2013) and Hancock & Cath
(2009), the reverse solute flux of the NH3 ´ CO2 410

thermo-responsive draw solutes is nearly an or-
der of magnitude higher through asymmetric CTA
membranes and three times higher through TFC-
FO membranes in comparison to sodium chloride.
This high reverse solute flux is problematic and is 415

thus counteracted by including a secondary brine
stripper (DC1) in the MBC system to maximise
draw solute regeneration.

Ease of regeneration: The draw solute should be
easily separable from freshwater in the regener- 420

ation step. Increasing the draw concentration in-
evitably increases the required energy of desalina-
tion. However, the vapour pressure of the thermo-
responsive DS considerably exceeds that of wa-
ter, which is desirable as the draw solute can be 425
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easily vaporised in a distillation process operat-
ing at relatively low temperatures (McCutcheon
et al. 2005). Although the draw solute decomposes
at low temperatures (60 ˝C at 1 atm (McGinnis
& Elimelech 2007)), the distillation column still430

has to be operated at significantly higher temper-
atures to completely remove any ammonia trace
(ă 1 ppm) from the brine and product stream
(Zhou et al. 2015).

Reusable: The draw solute should not lose its abil-435

ity to generate its initial osmotic pressure after
its regeneration. Otherwise it must be purged
and replaced at an additional cost. Liquid-gas
separation requires complex distillation and re-
condensation equipment to regenerate the draw440

solute (Dong et al. 2016). The thermolytic salt is
not thermally stable (i.e. volatile) and thus com-
plicating the gas containment in the system (Shon
et al. 2015).

Non-toxic: Toxic solutes in the brine stream or in the445

final freshwater product can have detrimental ef-
fects. Ammonia is toxic above a certain threshold,
hence the final water quality needs to present less
than 1 ppm of ammonia (including related species
such as ammonium and carbamate) in the perme-450

ate and brine stream to adhere to the limits spec-
ified in the Guidelines for Drinking Water Quality
(WHO) (Zhou et al. 2015, Chekli et al. 2016).

2.4 The membrane processes

A, B and S values of the utilised RO and FO/OARO455

membranes are given in table 1.

Table 1: Membrane properties of the simulated RO
and FO/OARO membranes.

Name A [LMH/bar] B [LMH] S [mm]
SW30- 1.13 0.08 (NaCl) 12.5
HRLE a 0.12 (DS) b

HTI-TFC c 3.16 0.55 (NaCl) 0.553
1.21 (DS) d

a (DOW Water Solutions 2017)
b Assumed from (Zhou et al. 2015)
c (Boo et al. 2015)
d (Zhou et al. 2015)

In the two-pass RO system, RO1 and RO2 are op-
erated at 80 bar and 40 bar, respectively. Furthermore,
the feed flowrate for each RO pressure vessel is kept
constant at 12 m3{h (Peters & Hankins 2019). Each460

RO pressure vessel is chosen to have a common number
of 7 membrane modules with each having a membrane
area of 37 m2 (DOW Water Solutions 2017).

As shown in Chen & Yip (2018) and Peters & Han-
kins (2019), OARO can achieve the same recovery as465

MSRO and HPRO, but at operating pressures below
the membrane burst pressure, ensuring it is techni-
cally feasible. In addition, OARO offers a better per-

meate quality than the MSRO process. Low operat-
ing pressures in OARO are possible, as a draw solu- 470

tion is utilised to lower the osmotic pressure difference
(πD ă πF ) across the membrane (Kim et al. 2018).
This combination of both FO and RO working princi-
ples allow for the dewatering of highly saline streams.
For example, a theoretical study performed by Bouma 475

& Lienhard (2018) found that the split-feed counter-
flow reverse osmosis (i.e. OARO) process could concen-
trate a brine stream up to 200 g{kg, while the process
is operated at a maximum pressure of 68 bar.

In the MBC system, the FO/OARO membrane sec- 480

tion consists of 3 stages (Pendergast et al. 2016) with
each pressure vessel containing 7 membrane modules.
The active membrane area of each FO and OARO
membrane module is equivalent and estimated at 15 m2

(Kim et al. 2017). As mentioned in section 2.2, the 485

feed flowrate per pressure vessel QMBC , the operating
pressure PMBC and the flowrate ratio RR are varied to
determine the optimal FO and OARO MBC operation.
Kim & Park (2011) tested a single 4040 spiral-wound
FO membrane module with a maximum feed flowrate 490

of 1.08 m3{h. Thus, the upper limit of QMBC for each
pressure vessel containing 7 membrane modules is set
at 7 m3{h.

The tested PMBC range is limited to 1 bar to
48.3 bar, as a minimum transmembrane pressure of 495

1 bar is required in FO to overcome the feed chan-
nel pressure losses (Kim & Park 2011). According to
Straub et al. (2014), the maximum achievable mem-
brane burst pressure for a commercially available thin-
film composite (TFC) FO membrane is 48.3 bar, which 500

is chosen here as upper limit of the membrane burst
pressure of FO membranes. The RR range is chosen
more arbitrarily and is varied between 0.3 and 0.7. As
argued in Peters & Hankins (2019), the RR value is be-
low 1 in practice, as the draw spacer in the membrane 505

module must be more dense than the feed spacer to
prevent membrane deformation under hydraulic feed
pressures.

2.5 The draw solute regeneration
(DSR) system 510

Both the FO and OARO MBC are operated with the
equivalent heat integrated DSR system, which is de-
picted in figure 5. Thus, the ASPEN set-up described
here remains unchanged and applies for all the FO and
OARO MBC simulations. 515

As mentioned in section 2.3, two distillation columns
are required to completely recover the volatile draw so-
lutes so that less than 1 ppm of ammonia (including
related species such as ammonium and carbamate) re-
mains in the intermediate product and brine stream. 520

The set-up of the distillation columns in ASPEN Plus
is similar to that presented by Zhou et al. (2015). An
instantaneous chemical equilibrium-stage model is used
with the ENRTL-RK thermodynamic method to sim-
ulate the following complex reversible reactions occur- 525
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Figure 5: The draw solute regeneration system with heat integration. Adapted from Pendergast et al. (2016).

ring in the distillation process (Jilvero et al. 2014):

2H2O Ø H3O
` ` OH´ (1)

CO2 ` OH´ Ø HCO´3 (2)

HCO´3 ` H2O Ø CO2´
3 ` H3O

` (3)

NH3 ` H2O Ø NH`4 ` OH´ (4)
530

NH3 ` CO2 ` H2O Ø NH2COO
´ ` H3O

` (5)

NH4HCO3 psq Ø NH`4 ` HCO´3 (6)

The last equation is not included in the simulation,
as the maximum concentration of the draw solution
is kept below its solubility limit. Furthermore, equa-
tion (2) and equation (5) are the rate-determining re-535

actions, but are here assumed to be instantaneous and
thus at equilibrium. As shown by Zhou et al. (2015),
model inaccuracies arising from neglecting reaction ki-
netics occur chiefly at sub-atmospheric pressures. Sub-
atmospheric operating pressures are, however, not con-540

sidered, as an additional compressor will be required
under such conditions to achieve complete condensa-
tion of the draw solution. This increases the capital
cost and the electrical energy consumption.

Pendergast et al. (2016) considers that the distilla-545

tion columns are operated at atmospheric pressure (i.e.
1 bar) and driven by 5 bar saturated steam. However,
running the distillation columns at pressures closer to
the saturation vapour pressure of the draw solution
allows for the use of lower temperature heat sources.550

Therefore, the possibility exists to integrate low-grade
waste heat (LGWH) as an energy source for the DSR
system, which is discussed in greater detail in sec-
tion 3.3.2.

As shown in Petchers (2012), typical steam condens-555

ing temperatures range from 40 C to 60 C, depending
on the type of condenser utilised. Here, it is assumed
that a water-cooled condenser can achieve a constant
condensation temperature of 40 C. It is further as-
sumed that the DC1 and DC2 column pressure vary560

according to the associated condenser pressure. Due

to pressure losses in the system, DC1 and DC2 oper-
ate at column pressures that are 0.05 bar and 0.025 bar
above the achievable condenser pressures, respectively.

The minimum approach temperature and the heat 565

transfer coefficient in both HEX units is set to 2.5 C
and 850 W{m2 K, respectively (Cengel & Ghajar 2014).
The same heat transfer coefficient is used for the con-
denser, whereas the reboiler heat transfer coefficient is
set at 570 W{m2 K. This is due to the fact that reboil- 570

ers tend to foul faster because of the higher operating
temperature and because non-volatile pollutants with
higher fouling potential in the feed drop to the bottom
of the column (Luyben 2013). Note that heat is not
extracted from the hot brine stream exiting DC1, as 575

operational issues can arise from cooling a highly con-
centrated waste stream. Also, energy is saved in the
brine crystalliser if the feed remains warm (Pendergast
et al. 2016).

2.6 Equivalent work principle 580

As the reboilers in the DSR system are thermally pow-
ered, the principal of equivalent work WEq is used to
estimate the overall electrical energy consumption of
the MBC and the two-pass RO system. The steam
used to supply the required thermal energy to the re- 585

boilers of the DSR system is extracted from a steam
turbine and is thus no longer available for electricity
generation. Using the WEq method, thermal energy is
assigned an electrical energy value, based on the ca-
pacity of that thermal energy to generate electricity in 590

a steam turbine, which allows for a theoretical com-
parison of thermal process efficiencies. The equivalent
work WEq (kWh{m3) of the desalination process is cal-
culated as follows (McGinnis & Elimelech 2007):

WEq “
phg,Steam ´ hg,Condq ηTur

3.6ˆGOR
`

ÿ

SEEC (7)

where hg,Steam and hg,Cond are the enthalpy (kJ{kg) of 595

the extracted steam and the steam at the point where
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it would normally enter the turbine condenser, respec-
tively. As previously mentioned, the condenser tem-
perature is assumed to be 40 C and is equivalent to the
condenser temperature TCond of the DSR system. The600

turbine efficiency ηTur is assumed to be 85 %, which is
a typical value for the isentropic efficiency of a steam
turbine (Cengel & Boles 2011). The gained output ra-
tio (GOR) is calculated as follows:

GOR “
hfg,Steam
ř

STEC
(8)

where hfg,Steam is the vaporisation enthalpy (kJ{kg)605

of the utilised steam (which is saturated at 5 bar). The
total specific thermal energy consumption (STEC) of
DC1 and DC2 is given in kJ{kg. Furthermore, the
specific electrical energy consumption (SEEC) of all
the electrically driven equipment in the MBC and two-610

pass RO system is given in kWh{m3.

2.7 Unit water cost calculation

The unit water cost is calculated as follows:

UWC “
TAC r${years

Annual water production rm3{years
(9)

where the total annual cost (TAC) is given by:

TAC “ CF ˆ CapEx`OpEx (10)

The capitalisation factor (CF) is assumed to be 10 %,
as used in Bartholomew et al. (2018) for small-scale ap-
plications. The capital expenditures for the membrane
systems are calculated by:

CapExMem “ FMem

ÿ

pCMem ` CHPP`

CBP ` CERD ` CDS ` CPV q (11)

and the capital expenditure for the DSR system is
given by:

CapExDSR “ FDSR

ÿ

pCDC ` CHEX`

CCond ` CRebq (12)

The operational membrane and DSR expenditure are
given by:

OpExMem “
ÿ

pOElec `ODS`

OMem `OML `OChemq (13)

and:615

OpExDSR “
ÿ

pOElec `OCW `OMLq (14)

Each factor in equation (11) to equation (14) is de-
fined and given in table 2.

3 Results and discussion

3.1 Analysis of the DSR distillation
columns620

In this section, a parametric analysis of a single distil-
lation column with heat integration is performed.

Figure 6a and figure 6b depict the reboiler temper-
ature and heat duty per kilogram of feed. The draw
solute concentration and the N/C ratio of the column 625

feed solution are kept constant at 1 mol{kg on a carbon
basis and 2.4, respectively. The achieved temperature
profile in figure 6a at 0 mol{kg NaCl is equivalent to
that obtained in Zhou et al. (2015), which validates the
set-up of the ASPEN simulation. 630

Solute diffusion across the FO/OARO membranes
results in the cross contamination of the membrane
draw and feed streams. Thus, traces of the DS are
present in the brine stream and NaCl in the diluted
draw solution. Higher NaCl concentrations in the col- 635

umn feed stream reduce the chemical potential of the
volatile draw solutes. Hence, the temperature and the
energy input of the reboiler must be raised to achieve
the same target water purity of 1 ppm NH3, as shown
in figure 6a and figure 6b. Therefore, at high NaCl 640

concentration in the brine stream implies that opera-
tion of the brine stripper (DC1) is more energy inten-
sive than that of DC2 per kilogram of feed.

Lower column pressures result in a lower reboiler
temperature, which is beneficial for the utilisation of 645

cheaper heat sources in the draw solute regeneration
step. However, the minimum achievable column pres-
sure without vapour compression is limited by the sat-
uration pressure of the concentrated draw solution. As
shown in figure 6b, the reboiler duty also reduces with 650

the column pressure when NaCl is present in the feed
solution. This is owing to the fact that less water needs
to be evaporated at lower column pressures to achieve
the same residual ammonia concentration in the prod-
uct. 655

Figure 6c and figure 6d depict the effect of the draw
solute and NaCl concentration on the reboiler tem-
perature and its heat duty per kilogram of feed at a
constant column pressure of 1 bar. Figure 6c shows
that the reboiler temperature is relatively independent 660

of the draw solute concentration at a constant column
pressure. Thus, operation at a constant column pres-
sure is not advised; it is suggested instead to operate at
a constant condenser temperature. At lower draw so-
lute concentrations, less ammonia and carbon dioxide 665

are present in the vapour stream, which significantly
reduces the saturation pressure of the vapour stream.
Therefore, the column pressure and hence the reboiler
temperature can be minimised at a constant condenser
temperature. 670

The findings depicted in figure 6d indicate that the
reboiler duty is less affected by the draw solute con-
centration at higher NaCl concentrations. This means
that the energy cost of DC1, which has a highly con-
centrated NaCl feed, is not significantly reduced if 675

lower reverse draw solute fluxes are achieved in the
FO/OARO membrane section. However, the energy
consumption of DC2, which is fed by the low salin-
ity DDS stream, is more affected by lower draw solute
concentrations. 680

Reasonable conclusions on the operation of DC1 and
DC2 can be drawn from this analysis, as the interde-
pendence of DC1 and DC2 is minimal. The operational
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Table 2: Financial parameters for the calculation of the unit water cost

Capital financial parameters Value
Practical investment factor FFO,OA

a 1.6
(Lang factor) FRO

a 1.4
FDSR

b 3.68
Membrane unit cost a CMem,FO{OA 50 ${m2

CMem,RO 30 ${m2

High-pressure and booster CHPP 53 ${pm3{h barq
pump costs a CBP 53 ${pm3{h barq
Energy recovery device cost a CERD 3134.7 pQERD rm

3{hsq0.58 $
(Only employed if PF ą 10 bar)
Draw solute purchasing cost c CDS 8.75 ${kg
Pressure vessel unit cost d CPV 1000 ${vessel
Distillation column cost e CDC 17640 ˚ I1.066 ˚ L0.802 $
Heat exchanger cost e CHEX 7296 pAHEX rm

2sq0.65 $
CCond 7296 pACond rm

2sq0.65 $
CReb 7296 pAReb rm

2sq0.65 $
Operational financial parameters Value

Electricity cost a OElec 0.075 ${kWh
Draw solute replenishment cost f ODS 0.01CDS ${year
Membrane replacement cost a OMem 0.15CMem ${year
Maintenance and labour cost OML,Mem

a 0.02CapExMem ${year
OML,DSR

b 0.04CapExDSR ${year
Chemical consumption cost a OChem 0.01CapExMem ${year
Cooling water consumption cost e OCW 0.016 ${kWh
a (Bartholomew et al. 2018) b (Lara et al. 2012)
c (Johnson et al. 2018) d (Lu et al. 2007)
e (Luyben 2013)
f Assumed value to model the DS loss through the product and brine stream

conditions of DC2 are only slightly affected by those of
DC1, because the vapour passed from DC1 to DC2 is685

less voluminous than the DDS stream entering DC2.
For that reason, it is less pivotal.

3.2 Parametric optimisation of the FO
and OARO integrated ZLD flow
processes690

In this section, a parametric analysis of the FO and
OARO integrated ZLD processes is performed to en-
sure that the conclusions drawn apply to a wide range
of operational conditions. Nevertheless, global opti-
mality cannot be guaranteed by this model, as the695

process configurations, and thus the cost and perfor-
mance data are subject to the unique case specifica-
tions and the process parameters that are established
by this model. However, this comparison offers insights
into whether OARO operation can in fact be more en-700

ergy efficient than FO.
The base case parameters are set as N{C “ 2.4,

QMBC “ 5m3{h, RR “ 0.5 and the inlet salinity
SIn “ 45 g{L. Furthermore, the OARO process is op-
erated at a transmembrane pressure of 48.3 bar, which705

corresponds to the maximum membrane burst pressure
as stated in section 2.4. Comparatively, the FO process
is only operated at a 1 bar transmembrane pressure.

Figure 7 depicts the equivalent electrical energy con-
sumption for the two-pass RO unit (black), the DC1710

(dark grey), the DC2 (light grey) and the three-stage
FO/OARO membrane unit (orange), respectively, un-
der various operational conditions. The results for the
FO and OARO integrated ZLD processes are repre-
sented in the left-hand and right-hand columns, respec- 715

tively.

Pendergast et al. (2016) state that the actual steam-
driven MBC with a two-pass RO system consumes
roughly 4 kWh of electrical energy per cubic meter of
product water. The thermal and cooling demand is es- 720

timated to vary between 20 kWh{m3 to 200 kWh{m3.
These estimates seem to agree well with the results ob-
tained here for the base case, the FO integrated ZLD
process. In the FO base case, the electrical, thermal
and cooling demand are 4.54 kWh{m3, 141.58 kWh{m3

725

(WEq “ 9.94 kWh{m3) and 114.58 kWh{m3, respec-
tively. Furthermore, the maximum concentration of
the concentrated draw solution is 6.18 mol{kg, which
is just above the range of draw solution concentrations
(4 mol{kg to 6 mol{kg) mentioned in Pendergast et al. 730

(2016).

The WEq of the FO and OARO base case are
14.5 kWh{m3 and 12.93 kWh{m3, respectively. Under
these conditions, the total energy savings amount to
10.83 % when using the OARO integrated ZLD pro- 735

cess. This is achieved due to a lower thermal energy
demand (109.24 kWh{m3), although the electrical en-
ergy demand is slightly higher (5.24 kWh{m3) due to
the high pressure operation of the OARO MBC. Ad-
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Figure 6: Parametric analysis of a single distillation column for various NaCl feed concentrations. Figures (a)
and (b) depict the effect of the column operating pressure on the reboiler temperature and its heat duty per
kilogram of feed solution containing a 1 mol{kg thermo-responsive draw solution on a carbon basis and a N/C
ratio of 2.4. Figures (c) and (d) depict the effect of the draw solute on the reboiler temperature and its heat
duty per kilogram of feed at a constant column pressure of 1 bar. The N/C ratio of the feed solution is also
kept constant at 2.4.

ditional savings are incurred by a lower cooling load740

(87.93 kWh{m3), with the maximum concentration of
the concentrated draw solution at only 3.75 mol{kg.

In the following subsections, a single operational pa-
rameter is altered while the remaining parameters are
kept constant:745

3.2.1 Effect of N/C ratio:

Increasing the N/C ratio of the thermo-responsive draw
solution leads to an overall reduction in the energy
consumption of the FO integrated ZLD process. The
main energy savings are achieved in DC2, because the750

DDS feed stream is less voluminous and contains lower
ammonia concentrations. This is due to the fact that
higher N/C ratios enhance the osmotic potential of the
draw solution at equivalent ammonia concentrations,
as shown in figure 8. However, the energy consumption755

of DC1 increases with the N/C ratio, as additional en-
ergy is required to strip the more soluble, excess ammo-
nia from the saline brine. Another drawback of larger
N/C ratios is that the condenser pressure is raised,
which leads to higher DC1 and DC2 reboiler tempera-760

tures. Darde et al. (2012) have shown that this occurs

because the partial pressure of ammonia rises when
N{C ą 2, while the partial pressure of carbon dioxide
remains relatively constant. Due to this existing trade-
off between reboiler temperature and energy consump- 765

tion, an intermediate N/C ratio of 2.4 is chosen.
The required CDS concentration in the OARO base

case is approximately 39.3 % less than that for its FO
counterpart. Because of that, the extent to which the
draw solute concentration varies with changes of the 770

N/C ratio is minute, resulting in an insignificant effect
on the overall energy consumption of the OARO inte-
grated ZLD process, as seen in the right-hand column.

3.2.2 Effect of the FO/OARO feed flowrate:

For all cases, the recovery of the FO/OARO MBC unit 775

remains approximately constant, as the final target
brine concentration is fixed and the RO brine concen-
tration varies only slightly with operational changes.
To achieve the same recovery at higher feed flowrates
QMBC means that the water flux has to increase, as 780

less FO/OARO pressure vessels are required in paral-
lel (i.e. the total membrane area decreases) to process
the same overall feed rate. To achieve a higher wa-
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Figure 7: The equivalent work WEq of the FO (left column) and OARO (right column) integrated ZLD processes
with respect to various operational parameters. The standard operational parameters are as follows: N/C is
2.4, QMBC is 5 m3{h, RR is 0.5, TCond is 40 C, feed inlet salinity SIn is 45 g{L and 5 bar saturated steam is
used as heat supply to the DSR system. The FO/OARO base case is always given by the central column in
each figure.

ter flux, a stronger driving force is necessary and thus
the draw solute concentration has to increase, as the785

hydraulic feed pressure of each technology remains un-
changed. This increase in required draw solute con-
centration takes its toll on the overall process energy
consumption. The increase in energy consumption is
especially evident for DC2. However, high hydraulic790

pressure in the OARO process tends to limit the re-
quired increase in the draw solute concentration with
the feed flowrate. Therefore, the energy consumption

of the OARO integrated ZLD process is less affected
by the change in feed flowrate, while the FO counter- 795

part is significantly affected by it, as seen in the right
columns of figure 7.

In terms of fouling, it is difficult to conclude whether
a higher feed flowrate is preferred and whether mem-
brane fouling is more likely in OARO or FO oper- 800

ation. Firstly, higher feed flowrates can impede or
limit fouling of the membrane surface, as higher cross-
flow velocities enhance the shear stress responsible for
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the detachment of foulants from the membrane surface
(Franken 2009). Secondly, the water flux is another805

important indicator of the membrane fouling propen-
sity. According to the critical flux theory, fouling is
reversible if the membrane process is operated below
the critical flux, but pronounced and irreversible once
this flux is exceeded (Bacchin et al. 2006, Nguyen et al.810

2019). The exact value of the critical flux is unknown
for this process, as it depends on several factors in-
cluding the membrane properties and the feedwater
characteristics. Nevertheless, a lower water flux is still
preferred to prevent irreversible fouling. Thus, accord-815

ing to the critical flux theory, a lower feed flowrate is
beneficial because it leads to lower water fluxes. This
conflicts with the previous statement that higher feed
flowrates reduce the fouling rate via turbulence en-
hancement.820

The average water flux in the first stage S1 of
the OARO base case is roughly 20.45 LMH and thus
greater in comparison to the 17.34 LMH for the FO
base case. On the other hand, the average water
fluxes in the second (S2) and third (S3) stages of the825

OARO base case (10 LMH to 5.18 LMH) are slightly
lower than that for the FO base case (10.44 LMH to
6 LMH). This suggests that irreversible biofouling, or-
ganic and/or colloidal fouling, which generally occur
in the first membrane modules (Voutchkov 2018), are830

more likely for OARO than for FO operation. Never-
theless, irreversible scaling, which is more common in
the final membrane modules (Voutchkov 2018), is more
likely to occur for FO than for OARO operation due
to the higher water fluxes in the last two membrane835

stages S2 and S3.
Figure 9 implies that the brine stream exiting the

final stage S3 of the OARO process is less contami-
nated by ammonia RSF than that of the FO process.
As stated in Section 2.3, ammonia back diffusion can840

serve as nutrient source and thus promote increased
biofouling on the feed side of the membrane. This sug-
gests that OARO operation with the thermo-responsive
draw solution may be less prone to biofouling than FO.
Furthermore, the reverse solute flux of the thermo-845

responsive draw solution lessens with an increase of

the feed flowrate, due to the higher water flux against
which it must operate.
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Figure 9: Total ammonia concentration in the brine
stream exiting the final FO/OARO stage at various
QMBC .

Several other studies indicate that FO has a lower
fouling propensity than pressure-driven membrane pro- 850

cesses, as the fouling layer remains loosely attached
to the membrane instead of being compacted onto the
membrane surface at high hydraulic pressures (Lotfi
et al. 2017, Lee et al. 2017, Cai & Hu 2016). However,
opposite to this common claim, the experimental find- 855

ings presented by Siddiqui et al. (2018) show that FO
is in fact more prone to alginate fouling than RO and
that the hydraulic operating pressure was not found
to play a critical role in foulant layer compaction. Fur-
thermore, Tow et al. (2018) states that under the same 860

hydrodynamic conditions, FO has a higher scaling re-
sistance than RO, which is theorised to be due to the
difference in the membrane material, but with organic
foulants present, both RO and FO experienced a sim-
ilar flux decline. All of these somewhat contradictory 865

findings make it difficult to conclude which of the two
technologies is less prone to fouling.

In terms of the energy consumption, it would be ideal
to eliminate the costly brine stripper from the MBC
process by minimising the reverse solute flux. This 870

seems more achievable via OARO than FO operation
at high QMBC , as shown in figure 9. At the maximum
feed flowrate, the ammonia concentration in the MBC
brine stream will be 40.5 % lower for the OARO inte-
grated ZLD process. However, a brine stripper is still 875

required, as 3 g{kg of ammonia is still notably higher
than the target ammonia concentration of 0.001 g{kg.

The OARO integrated ZLD process at low QMBC

values achieves the desired brine concentration using
the lowest draw solute concentration. Operating with 880

a more dilute draw solution also results in a lower sat-
uration pressure of the vapour stream to be condensed.
The lower saturation pressure directly translates into
lower column operating pressures and hence lower re-
boiler temperatures. These trends are depicted in fig- 885

ure 10 and show that OARO is more suited for the
integration of low grade heat sources. At an equiv-
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Figure 10: The saturation pressure and the DC1 and DC2 reboiler temperature for the FO and OARO DSR
system at various QMBC and at a constant condenser temperature of 40 C.

alant feed flowrate, the reboilers in the DSR system
of the OARO MBC can be operated at temperatures
approximately 12 C lower than their FO counterparts.890

3.2.3 Effect of RR:

RR is defined as the ratio between the draw and feed
flowrate. At lower RR values, the FO/OARO draw
stream is less voluminous but more concentrated. In
total, the quantity of draw solution to be regenerated895

is slightly reduced with lower RR values. Hence, DC1
and DC2 consume less energy and can be operated at
lower temperatures. However, the energy consumption
(see figure 7) and reboiler temperature of both FO and
OARO integrated ZLD processes are relatively insen-900

sitive to the RR ratio.
As reasoned in Peters & Hankins (2019), lower RR

values are also more practical. The draw spacer in the
OARO draw channel must be more dense than the feed
spacer to prevent membrane deformation under high905

feed pressures. That being so, lower draw flowrates
reduce the pressure loss in the more constrained draw
channel.

3.2.4 Effect of the inlet salinity:

All figures in figure 7 indicate that the energy consump-910

tion of the two-pass RO component remains relatively
constant, irrespective of any operational changes. This
even holds true at higher inlet salinities, as the recov-
ery of the RO system reduces at higher inlet salini-
ties while the outlet brine concentration remains un-915

changed. This lower system recovery at higher SIn and
the constant inlet flowrate of 100 m3 result in higher
stream flowrates and salinities in the rest of the ZLD
system. Therefore, the total energy contribution of the
MBC (DC1, DC2 and FO/OA) increases with SIn.920

3.3 Techno-economic comparison of
the OARO and FO integrated ZLD
processes

In this section, a techno-economic comparison of the
FO and OARO base cases is performed for a (1) steam925

and (2) flue gas (i.e. low grade waste heat) powered
reboiler. The comparisons are only performed for the
base cases, as the operational parameters are already
set to achieve reasonably low reboiler temperatures
while simultaneously reducing the energy consumption, 930

the maximum draw solute concentration (to prevent
precipitation) and the membrane fouling propensity.
The unit water cost is used to determine the economic
feasibility of each process.

3.3.1 UWC of the steam powered FO and 935

OARO base cases

The unit water cost of the steam and flue gas pow-
ered FO and OARO base cases is depicted in figure 11.
As shown in the figure, the operational expenses dom-
inate and in total contribute approximately 70 % to 940

76 % towards the overall cost of the steam driven FO
and OARO integrated ZLD processes. Thus, the UWC
calculation is especially sensitive to fluctuations in the
operational financial parameters, which are stated in
table 2. The UWC is presented for three different elec- 945

tricity costs, as this is in addition to the cooling water
cost, the most sensitive variable. If the electricity cost
increases from 0.05 $ to 0.1 $, the UWC increases by
16.7 % and 17.7 % for the steam driven FO and OARO
integrated ZLD processes, respectively. 950

For the steam driven processes, a cost saving of ap-
proximately 15.5 % can be achieved when operating
the MBC in OARO mode instead of FO mode for an
equivalent electricity cost. These savings are mainly
conferred by reducing the energy consumption of the 955

DSR system, as lower draw solute concentrations are
required when operating in OARO mode. Although
OARO requires high-pressure pumps and energy recov-
ery devices, the additional cost incurred by this equip-
ment is negligible in comparison to the overall opera- 960

tional and capital cost savings.

3.3.2 UWC of the LGWH powered FO and
OARO base cases

The findings in section 3.2 and section 3.3.1 indicate
that the DSR unit is the primary energy consumer, as 965
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(b) Steam powered OARO integrated ZLD process
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(c) LGWH powered FO integrated ZLD process
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(d) LGWH powered OARO integrated ZLD process

Figure 11: Sensitivity analysis of the unit water cost for the FO and OARO base cases with respect to the
electricity cost.

well as the most expensive process in the analysed ZLD
system (excluding pre-treatment and brine crystallisa-
tion). Therefore, substituting the valuable steam heat
source with a less costly one can significantly lower
the overall cost of the ZLD system. A recent study970

by Gingerich & Mauter (2015) estimated that in the
U.S. alone, more than 803 million GJ of heat at tem-
peratures greater than 90 C were exhausted to the en-
vironment in 2012. Since the analysed ZLD system
is located close to a coal-fired power plant, the avail-975

able boiler hot flue gas comes to mind as a potential
source of low-grade heat source. However, depending
on the required reboiler temperature, other alternative
low-grade heat sources, such as geothermal, nuclear or
solar energy, can also be utilised in the desalination980

process.

The median flue gas temperature from coal-fired
power plants was estimated by Gingerich & Mauter
(2015) to be 128.4 C. This temperature is more than
sufficient to drive the FO and OARO DSR system. As985

shown in figure 10, the minimum achievable DC1 and
DC2 reboiler temperatures are 76 C and 70.6 C. These
low reboiler temperatures are reachable by decreasing

QMBC and operating the MBC in OARO mode rather
than in FO mode. For example, the DC1 and DC2 990

reboiler temperature can be reduced by 12 C at any
QMBC when choosing an OARO configuration of the
MBC instead of an FO configuration. Thus, LGWH
integration is more feasible via OARO than via FO
operation of the MBC. 995

However, one issue arises when utilising flue gas
as a heat source. While the heat transfer coefficient
can reach up to 6000 W{m2 K during the condensa-
tion of steam, a much lower heat transfer coefficient
of 30 W{m2 K to 300 W{m2 K is achieved with flue gas 1000

because the gas density is lower and no phase change
occurs (Cengel & Ghajar 2014). Furthermore, the rel-
atively low temperature of the flue gas results in a
reduced temperature difference in the reboiler. Both
effects result in the requirement of a larger heat trans- 1005

fer area for the reboiler, which inevitably increases the
capital cost of the DSR system.

The energy requirements of seawater RO desalina-
tion plants typically lie in the range of 4 kWh{m3

to 8 kWh{m3 while achieving a brine salinity of ap- 1010

proximately 70 g{kg (Mezher et al. 2011). In the
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present case, the final brine concentration reaches up
to 190 g{kg while the electrical energy consumption
can be reduced to 4.54 kWh{m3 and 5.24 kWh{m3 with
LGWH integration for the FO and OARO base cases,1015

respectively. This significant increase in system recov-
ery for a similar energy consumption is a major ad-
vantage of LGWH integration. However, LGWH in-
tegration can only reduce the operational expenses of
the DSR system to a certain level, as the cost asso-1020

ciated with cooling water consumption and mainte-
nance remain unchanged. As shown in figure 11c and
figure 11d, LGWH integration is not very worthwile
on economical and technical grounds if the electricity
cost is low (0.05 ${kWh), as the UWC is only slightly1025

reduced when compared to a steam powered system
and the system layout and operation becomes more
complex. On the other hand, at high electricity costs
(0.10 ${kWh), the overall cost savings for both FO and
OARO integrated ZLD processes with LGWH integra-1030

tion is approximately 11 %.

As stated in Voutchkov (2018), the industry average
freshwater production cost is 1.1 ${m3 for medium to
large scale seawater RO desalination systems. With
LGWH integration and OARO operation, the UWC of1035

the MBC and the two-pass RO unit alone is still three
to four times higher although the achievable electricity
consumption falls in the range of a typical RO desalina-
tion plant. Another possibility to reduce the freshwater
production cost is by increasing the scale of the oper-1040

ation. Increasing the scale of the plant reduces capital
expenditures to an extent, as the design, development
and construction costs are not directly linked to the
plant’s freshwater production rate. However, in this
case the influence of the capital cost on the UWC is1045

insignificant and thus the cost savings associated with
increasing the plant scale are limited.

3.4 Comparing the FO and OARO
MBC with the LSRRO and the
standard OARO processes1050

As the parametric and the techno-economic study have
proven, utilising an additional hydraulic driving force
(OARO) can significantly reduce the cost, energy con-
sumption and the DSR temperature of the purely os-
motically driven membrane process (FO). However,1055

it is still unclear whether combining OARO with a
thermo-responsive DS offers any benefits in compari-
son to other novel membrane-based BVM techniques.
To answer this question, the FO and OARO MBC are
compared to the LSRRO system, which was proposed1060

by Wang et al. (2020), and the standard OARO pro-
cess with a non-responsive DS (i.e. NaCl), which is
given by Bouma & Lienhard (2018). Both the LSRRO
and the OARO process with the non-responsive DS are
depicted in figure 12.1065

The simulation results from all three studies are pre-
sented in table 3. To allow for a fair comparison of the
membrane-based ZLD processes, a single-pass RO sys-
tem is utilised in the FO and OARO MBC instead of

a two-pass RO system. Furthermore, for this compar- 1070

ison all processes are expected to concentrate a saline
feed of 0.6M to 4M. This test case slightly differs from
that in the previous sections, in which a saline feed is
concentrated from 0.77M (45 g{L) to 3.76M (220 g{L).
For this new test case, the equivalent work of the FO 1075

and OARO MBC are 11.1 kWh{m3 and 9.3 kWh{m3

when using a single-pass RO system and 5 bar satu-
rated steam to power the DC reboilers.

There are two methods to further reduce the over-
all energy consumption of the FO and OARO MBC 1080

system. Firstly, heat pumps (i.e. vapor compression)
can be utilised instead of steam to power the reboilers
(Pendergast et al. 2016), or secondly, LGWH can be
utilised to supply the required thermal load. Assum-
ing that LGWH integration is possible, the FO and 1085

OARO MBC energy cost can be substantially reduced
to 2.94 kWh{m3 and 3.47 kWh{m3, respectively.

In comparison, the calculated energy consumption of
the 4-stage LSRRO is 5.14 kWh{m3 when it is required
to concentrate the same saline feed to 4M (Wang et al. 1090

2020). However, in contrast to our simulation, the cal-
culation of the specific electrical energy consumption
performed by Wang et al. (2020) neglects 1) exter-
nal concentration polarisation effects, 2) the pressure
drop across membrane modules and 3) assumes that 1095

even the highly concentrated solution behaves ideally
and conforms to the van’t Hoff approximation. All
of these simplifications can substantially increase the
numerical error in the value of the simulated water
flux, as shown by Bartholomew & Mauter (2019), and 1100

the actual SEEC of the LSRRO process (with a fi-
nite membrane area) is expected to be far higher than
5.14 kWh{m3. Even under ideal LSRRO conditions,
the OARO MBC with LGWH integration can outper-
form the LSRRO process and operate at a 32.5 % lower 1105

SEEC.
On the other hand, the calculation performed by

Bouma & Lienhard (2018) for the standard OARO sys-
tem with a non-responsive DS includes external and
internal concentration polarisation. Their calculation 1110

shows that the conventional OARO process only re-
quires 3.9 kWh{m3 and is the most energy efficient
technology to achieve the desired brine concentration.
However, one main issue with this OARO process is
that the achievable water fluxes in the final three mem- 1115

brane stages are very low (ă 1LMH). Therefore, a to-
tal of 6 stages with large membrane areas are required
to achieve the desired brine concentration. Further-
more, the OARO stages have to be operated at a max-
imum transmembrane pressure ∆PMax of 68 bar, while 1120

the membrane’s S-value is assumed to be only 564µm,
which is comparable to the membrane’s S-value used
in this study. These high operating pressures may in-
evitably lead to the failure of these thin OARO mem-
branes. In contrast, the OARO MBC can be oper- 1125

ated at lower hydraulic pressures and at economically
feasible water fluxes (ą 5LMH) when using a strong
thermo-responsive DS.

As shown in figure 13, the OARO process can achieve
brine concentrations of up to 245 g{kg when operated 1130
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Figure 12: Schematics of a 4-stage low-salt-rejection RO (Wang et al. 2020) (left) and OARO process with a
non-responsive draw solution (Bouma & Lienhard 2018) (right). The direction of the water flux is indicated by
the orange arrows.

at technically feasible pressures (48.3 bar (Straub et al.
2014)) and draw solute concentrations (« 6mol{kg on
a carbon basis (Pendergast et al. 2016)). Theoreti-
cally, even higher recoveries can be achieved by the
OARO system, as the required thermo-responsive DS1135

concentration in the CDS stream CDSTh could be in-
creased beyond 6 mol{kg (on a carbon basis); the solu-
bility limit of the thermolytic draw solution is approx-
imately 13 M (Zhou et al. 2015). In any case, such
high brine concentrations cannot be achieved by con-1140

ventional OARO systems utilising non-responsive DS.
Similarly, the FO MBC also cannot achieve such high
brine concentrations without exceeding the suggested
upper limit of CDSTh.

The OARO MBC can achieve brine concentra-1145

tions of up to 245 g{kg while operating at WEq “

10.8 kWh{m3 and a maximum reboiler temperature
of 94.1C, whereas the FO MBC requires WEq “

11.1 kWh{m3 and a maximum reboiler temperature
of 97.2C to achieve a lower brine concentration of1150

205 g{kg. This means that combining OARO with a
strong thermo-responsive DS can substantially reduce
the overall energy consumption of the entire ZLD pro-
cess, as the brine volume to be treated by the energy in-
tensive brine crystalliser can be reduced by more than1155

15 % when increasing the target brine concentration
from 205 g{kg to 245 g{kg for the MBC.

One aspect of this comparison which has not been
discussed so far is that the LSRRO and the conven-
tional OARO process do not require any cooling water1160

or heat transfer equipment, which conversely can sig-
nificantly increase the cost of the FO and OARO MBC.
Therefore, when operating with thermo-responsive DS,
the OARO MBC outperforms the FO MBC in terms
of a 31% lower specific cooling load (SCL) and a DSR1165

temperature which is approximately 11C lower; both
of these factors can reduce the cost of the heat transfer
equipment and reduce the size of the reboilers, when
powered by the same thermal source.

Another important consideration when choosing be-1170

tween purely pressure driven (LSRRO) and osmotically
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Figure 13: The required concentration of the thermo-
responsive DS in the CDS stream CDSTh with respect
to the target brine concentration. The initial feed con-
centration is 35 g{kg NaCl.

driven processes (FO and OARO) is that the module
design is, in general, more complex for the latter (Wang
et al. 2020). Furthermore, it has also been highlighted
by Wang et al. (2020) that operating at high hydraulic 1175

pressures while requiring thin membranes to mitigate
ICP is a major technical limitation of the conventional
OARO process. However, a new study by Chen et al.
(2020) indicates that ICP may be less detrimental to
OARO performance than previously thought. In the 1180

conventional OARO process, forward salt transport ac-
tually helps mitigate ICP and thus Chen et al. (2020)
points out that the membrane’s active layer properties
(A and B) are important parameters that need to be
considered for OARO optimisation. Furthermore, the 1185

membrane’s S-value plays a less crucial role in OARO
than in FO. This finding has important implications
on the design of OARO membranes, and means that
less dense membranes with thicker support layers may
actually be ideal and allow for higher pressure opera- 1190

tion to achieve high brine concentrations with conven-
tional OARO processes. Choosing OARO with either a
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non-responsive or a responsive DS therefore seems not
only technically feasible, but also both options offer a
significantly lower electrical energy consumption than1195

LSRRO.

4 Conclusions

In this study, a numerical model is developed to sim-
ulate an OARO and an FO integrated ZLD process,
whose design is based on the membrane brine concen-1200

trator. A direct parametric and techno-economic com-
parison is performed between both processes to high-
light the benefits of combining OARO with a thermo-
responsive DS and how OARO can alleviate several of
the shortcomings of FO. Furthermore, the OARO and1205

FO MBC are compared to the conventional OARO and
the LSRRO process in order to identify which of these
novel membrane-based ZLD processes is the superior
technology.

The findings from this study can be summarised as1210

follows:

• Extremely high brine concentrations of up to
245 g{kg can be achieved by the OARO MBC at
technically feasible operating pressures (48.3 bar)
and at reasonable draw solute concentrations1215

(6 mol{kg on a carbon basis). This high brine con-
centration is not achievable by the FO MBC utilis-
ing the same thermo-responsive DS or by the con-
ventional OARO system using a non-responsive
DS.1220

• Utilising a thermo-responsive DS allows for the
utilisation of low-cost thermal energy to drive the
desalination process. The integration of LGWH
can substantially reduce the required electrical en-
ergy consumption to levels below those achievable1225

by LSRRO and by the conventional OARO pro-
cess. However, one main disadvantage of utilising
thermo-responsive draw solutes is that additional
heat transfer equipment and cooling water are re-
quired, which is not the case for LSRRO and the1230

conventional OARO process. These side effects
can, however, be minimised by the OARO MBC,
as the specific cooling load is reduced by 31 % in
comparison to its FO counterpart.

• In comparison to FO, the high hydraulic pressure1235

operation of OARO reduces the draw solute con-
centration required to achieve the same water flux
and process recovery. This offers benefits, such as
a lower susceptibility to ICP and a lower reverse
solute flux, which in turn may confer additional1240

advantages, such as allowing the removal of the
energy intensive and costly brine stripper (DC1
in figure 2) from the process when combined with
the development of more selective membranes or
of draw solutes with a lower reverse transport rate.1245

• The UWC of the BVM process can be reduced by
approximately 15.5 % by operating the MBC in
OARO mode. Furthermore, OARO is more suited

to LGWH integration than FO, as the reboilers of
the OARO MBC can be operated at temperatures 1250

up to 12 C lower. LGWH integration is econom-
ically more sensible for high prevailing grid elec-
tricity costs, as the operational cost savings then
outweigh the capital cost increase caused by the
use of larger reboilers. 1255

• With regards to membrane fouling, several uncer-
tainties remain as to whether OARO or FO are
more prone to membrane fouling, and to whether
high pressure operation of the OARO membrane
process is deleterious because of the deformation 1260

of the thin membrane. Fouling and membrane de-
formation have not been considered in this study
and need to be addressed in future studies.
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Abbreviations
BVM Brine volume minimisation
CapEx Capital expenditures
CDS Concentrated draw solution
CF Capitalisation factor
DS Draw solution
DDS Diluted draw solution
DSR Draw solute regeneration
ECP External concentration polarisation
ERD Energy recovery device
FO Forward osmosis
GOR Gained output ratio
HEX Heat exchanger
HPRO High-pressure reverse osmosis
ICP Internal concentration polarisation
LGWH Low-grade waste heat
MBC Membrane brine concentrator
MCr Membrane crystallisation
MD Membrane distillation
MSRO Multi-stage reverse osmosis
MVC Mechanical vapour compression
N/C Ammonia to carbon dioxide ratio
OARO Osmotically assisted reverse osmosis
OpEx Operational expenditures
RSF Reverse solute flux
SCL Specific cooling load
SEEC Specific electrical energy consumption
STEC Specific thermal energy consumption
TAC Total annual cost
TDS Total dissolved solids
TFC Thin film composite
UWC Unit water cost
WHO World Health Organisation
WW Wastewater
ZLD Zero liquid discharge

Nomenclature
A Water permeability coefficient,

L ¨m´2 ¨ s´1 ¨ bar´1

B Salt permeability coefficient,
L ¨m´2 ¨ h´1

CBP Booster pump cost, $
CCO2 Carbon dioxide concentration,

mol{kg
CCond Condenser cost, $
CDC Distillation column cost, $
CDS Draw solute purchasing cost, $
CERD ERD cost, $
CHEX HEX cost, $
CHPP High-pressure pump cost, $
CMem Membrane unit cost, $
CNaCl NaCl concentration, mol{kg
CNH3 Ammonia concentration, mol{kg
CPV Pressure vessel unit cost, $

Kim, Y. C. & Park, S.-J. (2011), ‘Experimental Study of a 4040
Spiral-Wound Forward-Osmosis Membrane Module’, Envi-
ronmental Science & Technology 45(18), 7737–7745.1390

Lara, J., Osunsan, O. & Holtzapple, M. (2012), Advanced

Nomenclature
CReb Reboiler unit cost, $
CapExDSR CapEx of the DSR system, $
CapExMem CapEx of the membrane systems, $
D Diffusivity coefficient, m2{s
F Practical investment factor
hfg,Steam Enthalpy of vaporization, kJ{kg
hg,Cond Steam enthalpy in the condenser,

kJ{kg
hg,Steam Enthalpy of the extracted steam,

kJ{kg
JS Salt flux, g ¨m´2 ¨ h´1

JW Water flux, L ¨m´2 ¨ h´1

K Mass transfer resistance, m2 ¨ h{L
kD Mass transfer coefficient

in draw stream, L ¨m´2 ¨ h´1

kF Mass transfer coefficient
in feed stream, L ¨m´2 ¨ h´1

kM Mass transfer coefficient
in the membrane, L ¨m´2 ¨ h´1

OChem Chemical consumption cost, ${year
OCW Cooling water cost, ${kWh
ODS Draw solute replenishment cost,

${year
OElec Electricity cost, ${kWh
OMem Membrane replacement cost, ${year
OML Maintenance and labour cost, ${year
OpExDSR OpEx of the DSR system, ${year
OpExMem OpEx of the membrane systems,

${year
PSat Saturation pressure, bar
PD Pressure of the draw solution, bar
PF Pressure of the feed solution, bar
PLow Low feed pressure, bar
QD Draw flowrate, m3{h
QF Feed flowrate, m3{h
QMBC Feed flowrate of the MBC

membrane modules, m3{h
RR Ratio between draw and feed flowrate
RSFMBC Reverse solute flux in the

MBC membrane modules, gNH3{kg
S Structural parameter, m
S1 to S3 MBC membrane stages
SIn Inlet salinity, g{L
TReb Reboiler temperature, C
tS Support layer thickness, m
WEq Equivalent work, kWh{m3

ε Porosity
ηTur Turbine efficiency
τ Tortuosity
∆P Transmembrane pressure difference,

bar
∆PMax Maximum transmembrane pressure, bar
∆π Osmotic pressure difference, bar
πD Osmotic pressure of draw solution,

bar
πF Osmotic pressure of feed solution, bar
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